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The solubility and miscibility refrigerant-oil mixtures are important in understanding 
the penonnance of refrigeration and air-conditioning systems. The objective of this study 
was to provide useful infonnation on the thennophysical properties of new refrigerant-oil 
mixtures and to evaluate candidate mixture models. 
In this report, the effect of a polyol ester lubricant on equilibrium pressure, liquid 
density, and viscosity is presented for R-22, R-125, R-134a, and AZ20 (50% R-125, 50% 
R-32) at varying temperatures and concentrations. Deviations from ideal mixture behavior 
are interpreted using activity coefficients and may be manifested in three ways: positive, 
negative, or mixed deviations from Raoult's law. The departure from Raoult's law is 
related to molecular size differences and intennolecular forces in the mixture. Six different 
models are used to correlate the experimental data: Wilson's relation, the Heil equation, the 
Non-Random Two Liquid (NRTL) model, the Universal Quasi-Chemical (UNIQUAC) 
theory, and two different extensions of Wilson's relation. Interaction parameters for all six 
models are developed from the experimental data (and data from a previous ACRC research 
project). A comparison of the pressure predictions (activity coefficients) for each model 
over a wide range of mixture compositions and temperatures shows that the Heil equation 
has the best overall penonnance. The Heil equation correlates the saturation behavior of 
these mixtures with an average error less than 6%. The report is organized as follows: 
Chapters 1 & 2: Background material and research objectives. 
Chapter 3: A detailed description of the apparatus and test procedure. A 
comparison of measurements from this apparatus to ASHRAE data. 
Chapter 4: Experimental data: mixture pressure as a function of liquid mass 
fraction and temperature; liquid density as a function of liquid mass 
fraction and temperature; viscosity as a function of temperature and liquid 
mass fraction. Oil density data and limited miscibility results (see also 
Appendix D). 
Chapter 5: Data analysis background (see also Appendix A). 
Chapter 6: Mixture modeling background (see also Appendices B, C, &E). 
Chapter 7: Interaction parameters for all mixtures and models are provided, 
and a detailed comparison of model petformance is given. 
Chapter 8: A very brief summary of conclusions and recommendations. 
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a Peng-Robinson equation of state parameter 
ai Activity 
b Peng-Robinson equation of state parameter 
f Fugacity 
g Gibbs free energy 
gE Excess Gibbs free energy 
h Enthalpy 
k Peng-Robinson equation of state parameter 
I UNIQUAC tenn 
m Mass 
M Peng-Robinson equation of state parameter 
MW Molecular weight 
n Number of moles 
P Pressure 
Pe Poynting Effect 
q UNIQUAC size parameter 
R Gas Constant 




v Specific volume 
Xi Liquid mole fraction of component i 
Xij Local mole composition of component i around componentj 
y Vapor mole fraction 
Zc Compressibility factor 
z Coordination number 
r Activity coefficient 
Aij Interaction tenns 
'rij Interaction component of Aij in Heil & NRlL relations 
CI» i Fugacity coefficient 
CI» UNIQUAC structure parameter ratio 
e UNIQUAC size parameter ratio 
p Density 
Aij Interaction energy 
Subscripts 
c at the critical point 
i, j component i, or j 
liq liquid 
mass on a mass basis 
oil of the lubricating oil 
ref of the refrigerant 
s saturated 
t total 
vapor in the vapor phase 
x 

Chapter 1 - Introduction & Objective 
1.1 - Iptroduction 
Refrigeration and air-conditioning systems are becoming increasingly important in 
society. Controlled environments are required for human comfort, food storage, animal 
and plant habitation, and sensitive machinery. Vapor-compression systems are the most 
widely used in these applications, and these systems require a compressor and a lubricant. 
Because the refrigerant and lubricant are allowed to mix and flow through the system, the 
performance of the entire system is affected by the oil. It reduces system capacity by 
absorbing refrigerant that could otherwise be used to transfer heat. As a result, the 
properties of refrigerant and oil mixtures are important in the design of vapor compression 
refrigeration and air-conditioning systems. 
Previously, a few refrigerant and oil mixtures were used in wide ranging 
refrigeration and air-conditioning applications. Recently, international agreements, such as 
the Montreal Protocol, have restricted the use of chlorofluorocarbon (CFC) refrigerants, 
and many alternative refrigerants have been developed. With the new refrigerants, new 
lubricating oils also have been introduced for use in refrigeration and air-conditioning 
systems. 
The new refrigerant and oil combinations have created a demand for mixture 
property information which can be used in the design of vapor compression systems. 
Providing experimental data for all the temperature, pressure, and concentration conditions 
of interest in a vapor compression system is time consuming and expensive. To reduce the 
amount of data needed for competent system design, a model of refrigerant and oil mixture 
properties would be helpful. A successful model combined with a modest amount of 
mixture data would allow mixture properties to be determined for any temperature, 
pressure, or concentration, thereby reducing the time and money needed to develop 
refrigeration and air-conditioning systems. 
While considerable prior research has been conducted to obtain refrigerant-oil data, 
most of the previous modeling work has focused on mixture viscosity. Only recently, the 
solution models commonly used in the chemical processing industries have been applied to 
the modeling of refrigerant-oil mixtures. 
1 
1.2 - Objective 
The purpose of this research is to provide useful infonnation on the thennophysical 
properties of new refrigerant-oil mixtures and to evaluate candidate mixture models. 
Mixtures of a polyol ester lubricant with refrigerants R-22, R-125, R-134a, and AZ20 
(50% R-125, 50% R-32) were studied in a constant volume vessel at pressures up to 3.45 
MPa (500 psia). Concentrations of 20,40, 60, 80, 95, and 100% by refrigerant weight 
were studied from temperatures of -50 OF (-46°C) to 250 OF (121°C). The equilibrium 
properties of temperature, pressure, liquid density, and viscosity were measured. 
The mixture data were analyzed to learn more about the refrigerant-oil interactions. 
Deviations from ideal behavior in the vapor and liquid phases were accounted for in the 
calculation of fugacity coefficients and the Poynting effect, which in turn were used to 
calculate activity coefficients. The activity coefficient was then interpreted to quantify the 
deviation from ideal mixture behavior (Raoult's law) and to determine the type of 
interaction between the refrigerant and oil molecules. 
Six mixture models were evaluated for use with refrigerant and oil solutions. These 
two-parameter models were Wilson's relation, the Heil equation, a relation proposed by 
Tsuboka and Katayama, a model proposed by Wang and Chao, the Non-Random Two 
Liquid (NRTL) model, and the Universal Quasi-Chemical (UNIQUAC) theory. Methods 
for evaluating the binary parameters of these models from a regression of the vapor liquid 
equilibria (VLE) data were developed. The refrigerant-oil VLE predictive behavior of each 
of the models was compared to the alternate models. 
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Chapter 2 -Background 
2.1 - Introduction 
Reliable property data for refrigerant-oil mixtures are essential in the design of 
refrigeration and air conditioning equipment. Oil affects system perfOImance through its 
effect on heat transfer coefficients and thermodynamic properties. Systems with high oil 
concentrations such as rotary sliding-vane or screw compressors may see reductions in the 
coefficient of perfOImance (COP) of as much as 30%. The poor perfOImance is mainly due 
to a reduction in the evaporator capacity (Hughes et al. 1982). Because the refrigerant is 
dissolved in the oil, it cannot evaporate. The commensurate reduction of latent heat transfer 
reduces the system performance. 
Data are unavailable for many of the new refrigerant and oil combinations that have 
resulted from international agreements, such as the Montreal Protocol, that regulate the use 
of chlorofluorocarbons (CFC's). Since many alternative refrigerants are immiscible with 
mineral oils, synthetic oils are commonly used with the new alternative refrigerants. 
2.2 - Viscosity & Solubility Studies 
Viscosity and solubility information have been obtained for some new refrigerant-
oil combinations, driven by the tribological concerns of compressor manufacturers. In 
such studies, the viscosity and vapor pressure are measured as a function of temperature. 
Many of the earliest refrigerant-oil property studies considered CFC's with mineral oils. In 
many cases little was known about the oil, narrow temperature and concentration ranges 
were studied, and varying methods were used to determine viscosity. Speaker and 
Spauschus (1986) provide a comprehensive review of published information on 
refrigerant/oil viscosity data. Refrigerant/oil solubility has been studied less thoroughly 
than mixture viscosity. The approach has commonly relied on comprehensive property 
measurements for CFC-mineral oil mixtures expressed in correlations that require 
numerous empirical coefficients. Some recent studies of alternative refrigerant-oil 
combinations have adopted a similar method. 
Van Gaalen et al. (1990, 1991a, 1991b) studied mixtures from 10 to 40 percent 
refrigerant by weight for several refrigerant-oil combinations. Mixtures ofR-22 and R-502 
with both naphthenic mineral oil and an alkyl benzene oil were examined at temperatures 
from 38°C (100°F) to 149°C (300°F). Vapor pressure, viscosity, and liquid density were 
measured and empirically based relations were provided. The empirical relationship for 
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mixture pressure had 8 coefficients and reproduced their data to within 5%. The high oil 
concentrations they studied are primarily useful for evaluation of compressor sumps. 
Takaishi and Oguchi (1987) measured the properties of R-13B 1 and a synthetic oil 
mixture at temperatures from 10°C to 40°C and compositions from 33 to 100% R-13Bl. 
Their approach was to develop correlations with a large number of empirically determined 
constants. Two correlations were developed: one for pressure as a function of mass 
fraction and temperature, and another for the activity coefficient as a function of 
composition only. The activity coefficient is an expression of the non-ideality of the 
mixture and is discussed in Appendix A. It was calculated using an equation of state (see 
chapter 5). These two relations predicted the average pressure with deviations from 
experiments of about 0.2% and 0.7%, respectively. However, 12 constants must be 
determined for the empirical pressure relation and five for the activity coefficient relation. 
Glova (1984) used a similar approach to correlate solubility data for R-22, R-12, 
and R-502 in combination with an alkyl benzene oil at concentrations from 5% to about 
75% refrigerant and temperatures from 21°C to 127°C (70°F-260°F). Using the Redlich-
Kwong equation of state, Glova calculated the refrigerant activity coefficients. A linear 
equation was used to determine the activity coefficient as a function of concentration. 
Errors in excess of 10% in the calculated activity coefficient, due to concentration 
uncertainty, limit the usefulness of the resulting linear equations. 
Grebner and Crawford (1992, 1993a) measured mixture pressure and liquid density 
for four mixtures. R-12/naphthenic mineral oil, R-12/paraffinic mineral oil, R-134a/PAG, 
and R-134a/POE oil mixtures were studied at pressures up to 3.45 MPa (500 psia) and 
through the entire range of mole fractions. The solubility data were expressed in a seven-
coefficient empirical relation which was reportedly accurate to within 10%. 
Several other recent studies provide alternative refrigerant-oil information. Corr et 
al. (1993) studied R-32 blends and R-134a blends with polyol ester oils. Viscosity, 
solubility, and compatibility data were given for R-32 and R-32/R-134a and ester oil 
mixtures (32 cSt). Short and Cavestri (1992) discussed high viscosity lubricants and their 
interaction with refrigerants. Their study compares several structurally modified polyol 
esters and their interaction with refrigerants. Chemical stability, thermal stability, wear, 
and miscibility for the various oils as well as solubility and viscosity information for R-
134a and an ester were presented. 
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2.3 • Solubility Modelip& 
The studies outlined in §2.1 rely upon extensive test results. However, the wide 
array of new refrigerants, refrigerant mixtures, and lubricating oils, and the importance of 
mixture properties makes such time-consuming methods undesirable. More recent research 
has sought to use mixture theories to correlate data with fewer experiments or strictly from 
theory. 
An early assessment of the modeling of refrigerant-oil mixtures was made by 
Spauschus (1963a). Spauschus' work was based on his data and data from Bambach 
(1955). Fugacities and excess thermodynamic properties (see Appendix A) were calculated 
using classical thermodynamics. The expressions were integrated using R-12 saturation 
data and R -12-oil data. Excess free energy, the heat of mixing, and the mixture entropy 
were calculated for an R-12 and oil mixture (Spauschus, 1963b). 
Spauschus noted that refrigerant-oil solutions are more dependent on mole fraction 
than on the size difference between the refrigerant and oil molecules. Because Flory-
Huggins theory (see Chapter 6) assumes the size difference to be the most significant factor 
and assumes negligible excess volumes, related polymer solution theories have limited 
value in the study of refrigerant-oil mixtures. Spauschus also noted the difficulty in using 
statistically based thermodynamic solution theories for complex refrigerant-oil mixtures. 
Thomas and Pham (1992) tried to correlate their data with the Flory-Huggins 
relation. R-134a and five PAG lubricants of different molecular weights were tested. The 
solutions were evaluated at temperatures from 10°C to 70°C (50°F to 158°F) and at 
refrigerant mass percentages from 10 to 90%. To approximate activity in the relation, the 
ratio of the mixture pressure to the saturation pressure was used. The Flory-Huggins 
relationship was found to provide reasonable predictions, but contrary to the theory, the 
interaction parameter varied with the molecular weight of the lubricant and with the 
temperature. Thomas et al, (1991) also noted this behavior in a study of a modified 
polyalkylene glycol lubricant and a refrigerant mixture of 60% R-32 and 40% R-125. 
Grebner and Crawford (1992) compared their data to Flory-Huggins theory and found 
large deviations. These findings agree with Spauschus' observation that polymer theories 
are not generally applicable to refrigerant-oil mixtures. 
Hesse and Kruse (1988) used Wilson's relation and the Universal Quasi-Chemical 
theory (UNIQUAC) to model refrigerant-oil mixtures. A zeotropic mixture ofR-22 and R-
114 was used with an ISO VG 32 alkyl benzene oil. Because molecular information is 
required for the UNIQUAC equation, a homogeneous oil with a well known molecular 
structure was used. The UNIQUAC model showed slightly better results than the Wilson 
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relation in the prediction of the mixture pressure and excess enthalpy. UNIQUAC also 
gave a reasonable estimate for the miscibility gap. Hesse and Kruse concluded that vapor-
liquid equilibrium calculations are possible even with limited information about the 
lubrication oil. 
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Chapter 3 - Apparatus & Test Procedure 
Refrigerant-oil mixture data were measured in an isochoric (constant volume) 
device at pressures from 100 kPa (14.7 psia) to 3450 kPa (500 psia). Refrigerant 
concentrations were 20, 40, 60, 80, and 95 percent by mass. Mixture temperature, 
pressure, liquid density, and liquid viscosity were measured at approximately 11°C (20 OF) 
intervals. 
3.1 - Components 
The apparatus used in this study was based on the design of Grebner and Crawford 
(1992, 1993a) and Van Gaalen et al, (1990). However, a few significant modifications to 
the apparatus constructed by Grebner and Crawford were implemented. Devices to 
measure viscosity and liquid density were added, and a computerized data acquisition 
system and new pressure transducer improved the accuracy of the temperature and pressure 
measurements. 
3.1.1 - Pressure vessel & Circulation Loop 
The apparatus consists of a pressure vessel inside a controlled environment 
chamber as shown schematically in Figure 3.1. The chamber provides an isothermal 
environment at temperatures from -73°C (-100 OF) to 177°C (350 OF). The 316 stainless 
steel pressure vessel can hold 4.0 liters of refrigerant at pressures up to 3.45 MPa (500 
psia). A sight glass allows viewing of the mixture. Detailed information regarding the 
construction of the pressure vessel and the operation of the environmental chamber may be 
found in Grebner and Crawford (1992, 1993a). 
The liquid circulation loop continuously mixes the refrigerant and oil and supplies 
fluid to the densimeter and viscometer. A 1/10 horsepower, magnetically coupled, variable 
speed gear pump circulates the liquid. Due to temperature limitations of the motor, the 
pump is located outside the test chamber. The pump head and tubing, however, are well 
insulated to minimize heat transfer to the environment The liquid circulation loop is about 
2 meters (78 inches) in length and was constructed using 3/8 inch (9.525 mm) 316 
stainless steel tubing and Gyrolok fittings. Grebner used 1/4 (6.35 mm) inch tubing. 
Larger tubing reduces the pressure drop of the circulation loop and considerably extends 
the low temperature limit of the tests. 
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Liquid is drawn from the bottom of the pressure vessel and pumped through the 
viscometer and densimeter before being sprayed into the top of the pressure vessel. The 
flow loop provides liquid mixing and promotes stable saturation conditions. 
To test the integrity of the pressure vessel and the tubing, the system is pressurized 
with air to 3.45 MPa (500 psia). The environmental chamber is set to a constant 
temperature, and system pressures are recorded to check for leaks. The system is observed 
for any visible leaks or pressure drops. Once high pressure tested, the apparatus is 
evacuated to 50 microns of mercury and tested for vacuum leaks. 
Pressure Transducer 
__ ~T~-------¥~~H PC 
Vessel 
Figure 3.1- Schematic of device used to measure mixture properties 
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3.1.2 - Temperature Control 
The temperature is controlled by a Tenney model T40-1oo350 environmental 
chamber. The chamber is cooled by a two stage refrigeration system and heated by open 
wire heating elements. Temperatures between -73°C (-100°F) and 177°C (350°F) are 
estimated to be steady within ±O.08°C (0.15 OF). 
3.1.3 - Temperature Measurement 
Three-wire platinum resistance temperature detectors (RIDs) inside the pressure 
vessel are used to measure the mixture temperature. Four Omega type PR-13 quick 
disconnect probes measure the mixture temperature at four different locations. Two six 
inch probes, a 12 inch probe, and a 24 inch probe monitor temperatures at locations as 
shown in Figure 3.1. NIST-traceable mercury-in-glass thermometers with O.l°C 
increments were used to calibrate the platinum RIDs. Uncertainty in the temperature 
measurement is ±0.23 °C <± 0.41 OF). For calibration, the RIDs were submerged in glycol 
and water in the environmental chamber. The environmental chamber and glycol solution 
were held at a constant temperature for 4 to 5 hours. 
3.1.4 - Pressure Measurement 
Saturation vapor pressure is measured through a port at the top of the pressure 
vessel using a strain gage pressure transducer. The transducer is a Sensotec model TJE 
absolute pressure transducer. The signal is conditioned using a model UBP in-line 
amplifier with a 0 to 5 Volt output. The four arm, 350 Ohm strain gage bridge design 
affords pressure measurement with an uncertainty of 0.1 % of full scale. Stainless steel 
construction provides corrosion resistant operation. The transducer measures pressures 
from 0 to 500 psia (0 to 3.45 MPa). 
The transducer has internal temperature compensation from 15.6°C (60°F) to 
71.1°C (l60°F). Because it is not temperature compensated over the entire range of testing 
temperatures, the pressure transducer was located outside the environmental chamber. To 
ensure that the transducer remained within its operating temperature range, a water bath 
was used to maintain it at ambient temperature. The associated heat transfer was small and 
does not disrupt the mixture eqUilibrium. The uncertainty of the pressure measurement is 
estimated to be 0.1 % of the full scale value or 3.45 kPa (0.5 psia). 
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3.1.5 • Liquid Density Measurement 
A vibrating-tube Coriolis meter is used to measure liquid density. The Micro-
Motion model D25 Coriolis meter consists of a u-shaped tube through which the 
refrigerant/oil mixture flows. The open end of the u-tube is fixed, and the closed end 
vibrates at its resonant frequency. From the resonant frequency, one can determine the 
liquid mass inside the tube. The mass divided by the volume of the tube yields the liquid 
density. An RID within the Coriolis meter is used to account for changes in the resonant 
frequency due to temperature. 
Grebner and Crawford (1992, 1993a) evaluated the liquid density by dividing the 
liquid mass by the volume as measured visually through the sight glass. Uncertainty for 
this method was estimated at from 0.36% to 1.3% depending on the liquid volume of the 
mixture. With the Coriolis meter, liquid density uncertainty is approximately 0.4% or 
about ±5 kg/m3 (±O.31 lbm/ft ) throughout the entire range of liquid volumes, and the need 
for a difficult visual inspection is eliminated. 
3.1.6 - Viscosity Measurement 
Viscosity measurements are made with an oscillating-piston viscometer. The 
Cambridge Applied Systems model N4S500 measures both viscosity and sensor 
temperature. At eqUilibrium conditions the liquid is pumped through the sensor. A 
magnetic force is applied to a piston within the sensor. Motion of the piston is resisted by 
the viscous drag of the fluid. Absolute viscosity is calculated by measuring the time 
required for the piston to move a set distance. Calibration with fluids of known viscosity 
allows viscosities in the range of 1 to 2000 centipoise to be measured by one of 3 different 
pistons. Device uncertainty is given as ± 1.5% of reading up to ± 0.2% of full scale. 
The use of this device with refrigerant -oil mixtures has been difficult because it is 
difficult to calibrate. For the current study, only one piston was used. Use of this 
particular piston allowed the measurement of viscosity from 1 to 40 centipoise (cp). The 
self-heating action of the electric coil which moves the piston also complicated viscosity 
measurements. A water jacket surrounding the viscometer limits the temperature drift to 
about 3°C above the fluid temperature. Glycol and water are circulated through the jacket 
from a reservoir whose temperature is slightly lower than the equilibrium temperature. 
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3.1.7 - Data Acquisition 
The data acquisition system consists of a Mac TIci computer and a Strawberry Tree 
(STI) AID board and software. The 16 channel AID board has a resolution of 16 bits. 
Other features include a high noise rejection integrating converter and RID signal 
conditioning. Two terminal panels, one T21 and one T55, are used to connect to the 
analog devices. The T21 terminal panel provides temperature compensation for 
thermocouple readings. The T55 is configured for the use of RIDs. Both terminal panels 
can read voltage and current signals. The STI hardware and software allow measurement 
and recording of all temperature, pressure, liquid density, and viscosity readings. The 
software also conditions the signal and applies the appropriate calibration relations. The 
data acquisition procedure is described in §3.4. 
3.2 - Oyerall Uncertainty 
Pure refrigerants were used to verify the accuracy of the apparatus. Measured 
pressures and data from ASHRAE (1993) are shown in Figure 3.2 as a function of 
temperature for R-22. The measured liquid density and ASHRAE (1993) values for the 
liquid density are compared in Figure 3.3. When comparing to the ASHRAE (1993) 
values using the measured temperature, rms errors are less than 1.5% for pressure and 
0.3% for liquid density. The uncertainties for all four measurement devices are given in 
Table 3.1. 
Table 3.1 - Measurement ranges and uncertainties 
Measurement Instrument Range Uncertainty 
Temperature Platinum RID -46°C to 121°C ±0.23°C 
(-50°F to 250°F) (±O.41°F) 
Pressure Strain gauge o to 3.45 kPa +0.1 percent of 
transducer (0 to 500 psia) full scale 
Liquid density Coriolis meter 800 to 1600kg/m3 ±5kglm3 
(50 to 100 lbm/ft3) (±O.31 Ibmlft3) 
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Figure 3.3 - Measured liquid density and ASHRAE (1993) values for pure R-22. 
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3,3 • Flushi"K & CharKi"K Procedure 
The charging, flushing, and reclamation procedures are briefly described in this 
section. These procedures are essentially the same as those used by Grebner (1992). 
3,3,1 • Flushi"K Procedure 
The system is cooled to approximately lOoC. R-22 at room temperature is flushed 
through the system and into a chilled container. Flushing is repeated several times to 
remove oil and other impurities. Mter flushing, the entire apparatus is filled with R-22 and 
then emptied. 
3,3,2 • CharKi"K procedure 
A vacuum pump is used to draw the oil into the system. The oil mass is measured 
with a mass balance to within +0.1 gram. The atmosphere above the oil is evacuated to 
approximately 50 microns of mercury at a temperature of 60°C to remove any air or water 
vapor. The system is then cooled to allow the addition of refrigerant. The refrigerant 
mass is also measured to within ±O.l gram. 
3,4 • Test Procedure 
After the system is charged, it is cooled to the lowest test temperature. The low 
temperature limit may be affected by the viscosity of the mixture. Extremely high viscosity 
will not allow fluid to be circulated through the mixing loop. In these instances, the 
temperature was increased until thorough mixing was achieved. In the case that viscosity is 
not the limiting factor, system pressures were maintained above 1 atmosphere. This was 
done to ensure that non-condensable gases were not introduced into the system. 
The circulation pump was started and the entire apparatus was allowed to reach 
steady state. The environmental chamber was programmed for the next set point 
temperature plus about 2 degrees. An hour later, the Tenney was programmed to the set 
point. Typically, another 60 to 90 minutes were needed for the system to reach steady-
state. 
To determine if the mixture was at equilibrium, several test observations were 
made. A mixture was allowed to come to a steady state and was observed for over 8 
hours. At the steady state, the instantaneous temperature and pressure measurements 
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varied from the average readings for the last ten minutes by only about O.04°C ( O.07°F). 
This deviation is within the uncertainty of the measurement. This criterion was used for all 
detenninations of steady state conditions 
At steady state conditions the liquid density, temperature, and pressure 
measurements were recorded once a second for over a minute. The viscometer and the 
viscometer cooling jacket pump were turned on and allowed to warm up about ten minutes 
before sampling for 1 to 3 minutes. 
Figures 3.4 through 3.6 show typical sampled data at equilibrium. Variations in 
the measurements are on the order of the resolution of the instruments. 
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Figure 3.6 - Example of sampled liquid density data at steady state. 
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Chapter 4 • Test Results 
4.1 • Oil Data 
A few of the mixture models require liquid density values for the refrigerant and the 
oil. Accurate saturated refrigerant values are available from sources such as the ASHRAE 
handbook. Density values for oils, however, are generally given at one temperature. At 
low temperatures the oil is too viscous to be circulated in the test apparatus. 
To measure the oil density as a function of temperature, a custom made Kimax and 
Pyrex graduated cylinder was used. The approximately 100 mI cylinder measures liquid 
volumes to a tenth of a mI. Oil masses of about 100 grams are measured with an AND 
electronic balance accurate to +0.01 grams. The cylinder volume was calibrated using 
water. The volume was shown to be 97.906 mI plus the stem reading. Uncertainty in the 
volume determination was estimated at ±O.176 mI. 
To measure oil density as a function of temperature, the graduated cylinder was 
covered and placed in the controlled environment chamber. A period of 2 to 3 hours was 
allowed for equilibrium. The EMKARA TE RL 68H oil density data are shown in Figure 
4.1. A linear least squares fit to the density data as a function of temperature is given by 
Poil = 993.89 - 0.75658T (4.1) 
where T is the temperature in Celsius and Poil is the oil density in kglm3. Uncertainty of 
the oil density is estimated to be 2.65 kglm3. 
Information on the viscosity, mole weights, flash point, and pour point for the 
polyol ester lubricant used in this study are given in Appendix D. 
4.2 • Refria=erant.Oil Mixture Data 
Four different refrigerant-oil mixtures were tested with a polyol ester lubricant. R-
22, R-125, R-134a, and AZ20 were all tested with EMKARATE RL 68H. Pressure and 
liquid density were measured for all four refrigerants. Viscosity data were measured for R-
125, AZ20, and R-134a only. 
The size and shape of the pressure vessel influences the accuracy of the mixture 
concentration measurement. The pressure vessel used in this study holds up to 3.5 liters 
(0.92 gal) of refrigerant and oil. Because the vessel is relatively large, the charge mass can 
be easily and accurately measured, allowing an accurate determination of charge 
concentrations. Charge masses and concentrations were determined to within ±O.l grams. 
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The shape of the pressure vessel and sight glass location only allowed viewing of the 
liquid.;.vapor interface if the vessel was less than 87.5 percent full of liquid. The remaining 
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Figure 4.1 - Determination of RL 68H density as a function of temperature and 
corresponding linear fit. 
The liquid refrigerant concentration changes as the vapor volume and density 
change. To determine the mass fraction of refrigerant in the liquid, it is necessary to correct 
for the amount of refrigerant in the vapor phase. The liquid volume was determined from 
the liquid density information and the relation 
(4.2) 
where moil is the mass of the oil in the system, m,.e/(liq) is the mass of refrigerant in the 
liquid, and Pliq is the measured liquid density. The liquid level measurements provide a 
redundant check of the data. The mass of the refrigerant in the vapor phase is 
mre!(vapor) = (V, - Vliq )Pvapor (4.3) 
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where Vt is the total vessel volume and P'NpO' is found using an equation of state. The 
Peng-Robinson equation was used to find the superheated vapor density given the mixture 
temperature and pressure .. The mass of liquid refrigerant is therefore 
"'re/(liq) = mre/(t) - "'re/(vapor) (4.4) 
In equations 4.2 through 4.4, the charging masses, liquid density, and total volume are 
directly measured in the experiment. The vapor density is accurately determined from an 
equation of state; therefore, the only unknown variables in these equations are "'re/(liq)' 
m,e/('NpOr) , and V1iq • Using standard techniques to solve these equations, the corrected 
mass fraction may be calculated. 
(4.5) 
The mole fraction can then be determined from 
(4.6) 
Figures 4.2 through 4.7 provide vapor pressure and liquid density information as a 
function of temperature and the corrected refrigerant mass fraction. Figures 4.8 and 4.9 for 
AZ20 (50% R-32, 50% R-125) were corrected assuming azeotropic behavior and vapor 
density information from REFPROP version 4.0 (1993). Note that liquid density data in 
Figure 4.9 are only approximate, due to the occurrence of partial immiscibility (appearance 
of two liquid phases) as shown in Figure 4.10. 
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4.2.1 - Pressure & Liquid Density Data 
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Figure 4.2 - R-22 and RL 68H vapor pressure as a function of temperature 
and refrigerant mass fraction. 
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Figure 4.3 - R-22 and RL 68H liquid density as a function of temperature 
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Figure 4.4 - R-125 and RL 68H vapor pressure as a function of temperature 
and refrigerant mass fraction. 
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Figure 4.5 - R-125 and RL 68H liquid density as a function of temperature 
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Figure 4.6 - R-134a and RL 68H vapor pressure as a function of temperature 
and refiigerant mass fraction. 
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Figure 4.7 - R-134a and RL 68H liquid density as a function of temperature 
and refiigerant mass fraction. 
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Figure 4.8 - AZ20 and RL 68H vapor pressure as a function of temperature 
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Figure 4.9 - AZ20 and RL 68H liquid density as a function of temperature 
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Figure 4.10 - Miscibility of AZ20 in RL 68H. 
4.2.2 - viscosjty Data 
80% 95% 
Viscosity data for the R-22, R-134a, and AZ20 and oil mixtures are shown in 
Figures 4.11 through 4.13. 
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Figure 4.11 - R-125 and RL 68H viscosity versus temperature and refrigerant 
mass fraction. 
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Figure 4.13 - AZ20 and RL 68H viscosity versus temperature and refrigerant 
mass fraction. 
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Chapter 5 - Mixture Analysis 
Three kinds of non ideal behavior are present in refrigerant-oil mixtures. Properties 
of the vapor, liquid, and mixture must be accounted for. The vapor phase non-ideality, in 
the form of deviation from the ideal gas law, is accounted for through the use of the vapor 
fugacity. The liquid phase non-ideality is also expressed using the concept of fugacity, but 
it requires a second correction term, the Poynting effect, which accounts for changes in 
liquid fugacity due to changes in pressure. The mixture non-ideality is expressed as a 
function of the vapor and liquid phase non-idealities in the form of the activity coefficient 
5.1 - vapor Phase Non-Ideality 
The concept of fugacity accounts for the deviation of real gases from ideal gas 
behavior. It can be thought of a corrected or thermodynainic pressure and can be calculated 
in two ways. Both ways rely on relations derived from the definition of fugacity as a 
function of the Gibbs free energy and temperature. Appendix A discusses the derivation of 
fugacity and the how the fugacity of a mixture can be found by specifying an equation of 
state and the mixture conditions. 
5.1.1 - Equation of State 
The Peng-Robinson (Peng & Robinson, 1976) equation was chosen on the basis of 
its accuracy and computational efficiency. The Peng-Robinson equation requires few 
parameters yet approximates the behavior of refrigerants within about 2%, as demonstrated 
in Figure 5.1 where the Peng-Robinson prediction of saturation pressure is compared to 
handbook data (ASHRAE, 1993) for the refrigerants used in this study. The equation has 
three parameters, two of which are determined by the critical temperature (T d and critical 
pressure (Pc) of the component The third parameter, M, can be approximated using 
correlations for the accentric factor of the component, but here is determined through pure 
refrigerant data (ASHRAE, 1993). The Peng-Robinson equation of state is a cubic 
equation of the form 
where 
P= RT _ aa 
v-b v(v+b)+b(v-b) 
a = 0.45724 (RTc>2 
Pc 







The Peng-Robinson equation of state, as with most other equations of state, does not 
perlorm well near the refrigerant critical point. For this reason, only reduced temperatures 
below 0.95 were used to calculate fugacities. 
Lin and Daubert (1980) compared the Peng-Robinson and Soave-Redlich-Kwong 
(SRK) equations of state in the prediction of saturation properties and fugacities. To 
compare the two equations of state, the predicted partial molar volumes were compared to 
the measured values for some non-polar hydrocarbon mixtures. At low to moderate 
pressures, both equations predicted the fugacity coefficient equally well, but the Peng-
Robinson equation was superior in the prediction of liquid molar volumes and partial molar 
volumes. In a similar study, Moshfeghian et al. (1992) compared the two equations of 
state along with the Parameters From Molecule Contribution method (PFMC) in the 
calculation of the thermodynamic properties of refrigerant mixtures. They also concluded 
that the Peng-Robinson equation was well suited for the study of refrigerant mixtures. 
Figure 5.2 and Figure 5.3 show the fit of the Peng-Robinson equation of state 
compared to the ASHRAE (1993) tables in the prediction of saturation pressure and vapor 
density, respectively, for R-22, R-125, and R-134a. The maximum deviation of the 
equation of state is less than 1.5 percent for the pressure and vapor density of all three 
refrigerants. 
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Figure 5.3 - Vapor density of Peng-Robinson equation of state and ASHRAE (1993). 
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5.1.2 - FUl:acjty Calculatjon 
- -
Using equation A.9 and the Peng-Robinson equation of state, the following relation 
is obtained for the fugacity coefficient (Peng & Robinson, 1976). 
lncz,. = bi (z -1)-In(z _b) __ Q_(2LYi Qij biJln(Zc +2.414b) (5.5) 
I bee 2b..fi Q b zc- 0.414b 
Zc =Pv/RT (5.6) 
The a and b terms are the same as in the Peng-Robinson equation. The unsubscripted 
terms refer to mixture properties, while the subscripted ones refer to components of the 
mixture or interaction parameters; however, since only refrigerant is found in the vapor 
phase, the mixture coefficients are identical to the pure refrigerant coefficients, and equation 
5.5 simplifies to 
lncz,.=z -1-ln(z _b) __ Q_In(Zc+ 2.414b) 
'c c 2M Zc -0.414b (5.7) 
Figure 5.4 gives example results for the fugacity coefficient of R-22 as a function 
of temperature for the five different compositions tested. The deviations from unity 
increase with temperature and refrigerant concentration. Lower temperatures and lower 
refrigerant concentrations produce lower vapor pressures and more nearly ideal gases. 
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Figure 5.4 - Fugacity coefficient versus temperature for R-22 at different refrigerant 
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mass percentages 
5.2 - Liquid Phase Non-Ideality 
The Poynting effecr-(Pe) accounts for the influence of vapor pressure on the 
saturated liquid fugacity. While the vapor phase fugacity is calculated using the system 
pressure, the liquid phase fugacity is found using the saturation pressure at the system 
temperature. The Poynting effect as expressed by 
pe=exp[ VI"(~;P,)] (5.8) 
accounts for the difference between the system pressure and the saturation pressure, or the 
resulting superheating or subcooling effect. Because the saturated liquid is not affected 
significantly by the vapor pressure, the liquid specific volume is assumed to be the 
saturation specific volume at the mixture temperature. This assumption is true of most 
fluids, including refrigerants and oils, except near the critical points. 
Except for the highest temperatures and oil concentrations, as shown in the 
examples results for R-22 of Figure 5.5, the Poynting effect is very close to one. For the 
low refrigerant concentrations, the mixture vapor deviates significantly from the saturation 
pressure, and in this case the Poynting effect drops to near 0.95 at elevated temperatures. 
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Figure 5.5 - Poynting effect vs. temperature for varying mass percentages of R-22 in the 
liquid phase. 
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5,3 - Mixture NOD-Ideality 
To quantify the mixture non-ideality, it is necessary to calculate the activity 
coefficient. An explanation of the activity and the activity coefficient is included in 
Appendix A. It is found from the relation 
(5.9) 
In the case of refrigerant-oil mixtures, the vapor phase molar fraction (Yi) is one and the 
other components are calculated as explained previously. 
Activity coefficients for refrigerant-oil mixtures have been calculated previously by 
Spauschus (1963b). He measured the behavior of a mixture ofR-12 with an oil. Using a 
large set of R-12 experimental data, the relations shown in Figure 5.6 between activity, 
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Figure 5.6 - Activity as a function of mole fraction and temperature 
(Spauschus, 1963b). 
Spauschus' data revealed the sensitivity of the activity to the mole fraction and its relative 
insensitivity to temperature. He also concluded that refrigerant-oil solutions are more 
dependent on mole fraction than on the size difference between the refrigerant and oil 
molecules. 
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Spauschus' data for R-12 and oil and Glova's (1984) R-22/alkyl benzene study 
both report activity coefficients generally greater than one. In the current work, however, 
the activity coefficients were found to deviate both above and below one depending on the 
mixture. 
As shown in Figure 5.7, refrigerant-oil mixtures have three general types of 
activities. The flI'St class have activities greater than the refrigerant mole fraction. The 
mixtures consequently have activity coefficients greater than one. In these mixtures, the 
forces like molecules are stronger than those between unlike molecules. Both Spauschus 
and Glova reported mixtures of this type with activities similar to the R-12/naphthenic 
mixture in Figure 5.7. Spauschus' data were for R-12 with a mineral oil and Glova's data 
were for R-22. R-12, and R-502 in an alkyl benzene lubricant. Grebner and Crawford's 
data for the R-12/naphthenic oil and R-12/paraffinic oil both demonstrate this behavior. 
Note that all five mixtures contain a saturated hydrocarbop lubricant with the refrigerant. A 
more likely reason for the similarity is the small molecular weights of the oils. The alkyl 
benzene molecular weight is 330 while the naphthenic oil and paraffinic oil mole weights 
are 325 and 500 respectively. Figure 5.8 shows a representative plot of such mixtures and 
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Figure 5.7 - Activity vs refrigerant mole fraction for R-125/POE, R-22/POE, and 
R -12/naphthenic oil mixtures at 20°C. 
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A second type of mixture is one in which the forces between unlike molecules 
dominate and cause the activity coefficient to be less than one. Such a mixture, as 
demonstrated by the R-22/POE mixture in figure 5.7, is characterized by activities less than 
the refrigerant mole fraction. This behavior was exhibited by the R-22/POE and the R-
134a/P AG mixtures. This behavior is also exhibited by polymer solutions. It should also 
be noted these two mixtures exhibited the largest difference in size between the refrigerant 
and oil molecule. The R-22/POE activity coefficient is shown in Figure 5.9. Mixtures 
with negative deviations from Raoult's law also become more ideal as, the temperature 
increases, with the activity coefficient increasing with temperature. 
The third type of mixture is shown in Figure 5.7 by the R-125/POE mixture. These 
mixtures show mixed positive and negative deviations from Raoult's law depending on the 
molar concentration of the refrigerant. Besides the R-125/POE mixture, this behavior was 
also observed for both the Grebner and Crawford R-134a/POE mixture and the R-
134a/POE mixture tested in this study. Figure 5.10 shows the activity coefficient values 
for the R-125/POE mixture as a function of refrigerant mole fraction and temperature. Note 
that the activity coefficient increases with temperature as with the R-22/POE mixture. 
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Figure 5.8 - Activity coefficient for R-12/naphthenic mixture as a function of mole 
fraction and temperature. 
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Figure 5.10 - Activity coefficient for R-125/RL 68H mixture as a function of mole 
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The three significantly different classifications of activity coefficients clearly 
demonstrates the complexity of refrigerant-oil mixtures. Tables 5.1 through 5.3 show the 
ratio of the oil mole weight to the refrigerant mole weight for each of the behaviors 
described here. In the case of R-502, the average molecular weight of the two refrigerants 
in the blend was used. 
Table 5.1 - Activity coefficients greater than 1. 
Refrigerant/Oil Ratio of mole weights 
R-22/alkyl benzene (Glova) 3.8 
R-502/alkyl benzene (Glova) 2.7 
R-12/alkyl benzene (Glova) 2.7 
R-12/paraffinic (Grebner) 4.1 
R-12/naphthenic (Grebner) 2.9 
Table 5.2 - Activity coefficients less than 1. 
Refrigerant/Oil Ratio of mole weights 
R-22/POE (this work) 8.1 
R-134a/PAG (Grebner) 19.6 
Table 5.3 - Activity coefficients both greater than and less than 1. 
Refrigerant/Oil Ratio of mole weights 
R-125/POE (this work) 5.8 
R-134a/POE (Grebner) 5.8 
R-134a/POE (this work) 6.9 
Obviously, the behavior of the activity coefficient is dependent on the ratio of the 
refrigerant and oil molecular weights. For mixtures of molecules of approximately equal 
sizes, forces between unlike molecules dominate the behavior of the mixture. If the 
molecular sizes are unequal, forces between like molecules become more prominent in the 
mixture behavior, as in the case of polymer solutions. 
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5.4 - Uncertainty 
To estimate the uncenainty of the activity coefficient, it was necessary to account 
for the errors in all the contributing variables. Uncenainties in the measured properties are 
reported in chapter 3. Uncertainty in the fugacities and saturation pressure used in the 
calculation of the activity coefficient were estimated at 1.5 percent, and uncertainties in the 
oil molecular weight to be 5 percent. The measurement of the refrigerant and oil charges 
are estimated to be within 0.3 grams and 0.1 grams respectively. The propagation of these 
errors was calculated using the method of Coleman and Steele (1989) evaluated at a 
nominal temperature and concentration. The uncenainties in the experimental results are 
shown in Table 5.4 for this typical case and a representative worst case for the case of the 
R-22/RL 68H mixture. The typical case is one in which the liquid is only moderately 
superheated (60% refrigerant, 25°C), while the worst case is for the extremely superheated 
mixtures found at low refrigerant concentrations (20%) and high temperatures (66°C). 
Table 5.4 - Uncertainty in experiment values. 
Variable Typical Case Worst Case 
Activity coefficient 0.025 (2.6%) 0.021 (3.25%) 
Poynting effect 0.00012 (0.01 %) 0.0013 (0.14%) 
Liquid refrigerant mass 1.25 g (0.06%) 3.5 g (0.7%) 
Refrigerant mass fraction 0.000 15(0.025%) 0.0010 (0.6%) 
Refrigerant mole fraction 0.0038 (0.4%) 0.012 (1.8%) 
From Table 5.4 one sees that the activity coefficient uncertainty is around 3% for each 
case. The largest sources of error in the activity coefficient are the fugacities calculated 
with the equation of state. This error is caused by the equation of state and uncertainty in 
the mixture temperature. 
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Chapter 6 - Mixture Theories 
6.1 - Introduction 
Mixture modeling allows the prediction of mixture properties for prescribed 
thermodynamic conditions. Models generally use two types of information: pure 
constituent information and interaction information. For many models the saturation 
properties serve as the pure constituent information. The interaction information typically 
takes the form of binary interaction parameters that may be estimated theoretically or found 
empirically from binary mixture data. 
Refrigerant-oil mixture modeling is complicated by the fact that the thermodynamic 
properties of commercial refrigerant oils may not be well known. The only available pure 
constituent information for the oil is commonly the viscosity and density at a few 
temperatures. Molecular weight information may also be available. Because the lack of oil 
property information makes a purely theoretical model difficult or impossible, experimental 
data are essential to the modeling of refrigerant and oil mixtures. 
Notwithstanding the need for experimental data, mixture modeling offers the 
distinct advantage of reducing the experimental burden by allowing accurate property 
predictions to be based on fewer data. In this chapter, research aimed at developing such 
models is discussed. It is hoped that the oil density, viscosity, approximate molecular 
structure, and molecular weight information in combination with the molecular structure 
and saturation properties of the refrigerant will provide all the pure component information 
necessary. The interaction information will be experimentally determined and used with the 
pure component information to model refrigerant/oil mixture properties. 
6.2 - Modelin& Approaches 
There are two different paths to modeling mixtures. One involves only the use of 
an equation of state and the mixing rules for the equation of state. The equation of state 
parameters must be known for each of the mixture constituents, and combined according to 
the mixing rules to determine new parameters for the mixture. The new parameters may 
also use empirical information from mixture data. The equation of state, with the new 
parameters, may be used to provide property information for the mixture. In effect, the 
properties describe a "pseudo-fluid" which has a relationship to its constituents by means 
of the mixture rules. 
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The equation of state method therefore requires a significant amount of information 
about the oil. Because the thermophysical behavior of the oil is markedly different from the 
refrigerant and the refrigerant/oil mixture, its properties cannot be measured in the same 
device. Furthermore, oil properties are more difficult to measure accurately because the 
vapor pressures are very low. For these reasons the equation of state method was not 
used. 
The second approach relates the temperature, pressure, and concentration to the 
activity coefficients of the mixture. These relationships are defined by the excess Gibbs 
energy and the activity coefficients. The Gibbs energy is defmed as a function of the 
temperature, mixture composition, and interaction parameters such as 
gE 
- = !(Tm,xj ... x", rj'" r,,) (6.1) RT . 
Using the Gibbs-Duhem relation, the activity coefficients are then known as a function of 
the temperature, composition, and the interaction parameters (Reid, 1977). 
a E 
RTln ri = an. (n,g )T,p,lIi-i (6.2) 
• 
Equation 6.2 relates the activity coefficient to the derivative of the excess Gibbs 
energy with respect to the number of moles of component i (ni ) where n, is the total 
number of moles in a mixture. To find the expression for the activity coefficient from the 





The accuracy of the model therefore depends on the appropriateness of the relation 
of the Gibbs energy to the temperature, composition, and interaction parameters. Mixture 
relations with multiple interaction parameters can be more accurate, however, they also 
require significant, highly precise experimental data. 
These relationships show each of the activity coefficients as a function of the 
composition and temperature. For refrigerant/oil mixtures, the negligible vapor pressure of 
the oil makes its activity coefficient difficult to calculate. The refrigerant activity is easily 
calculated and used to evaluate the different mixture relations. The inability to determine 
oil activity coefficients again increases the dependence of the mixture relation on the 
experimental data. 
The vapor-liquid models should provide reliable pressure, temperature, 
concentration and even excess thermodynamic properties. The models discussed below 
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apply only to low pressure, less than 1700 kPa (250 psia), vapor-liquid equilibrium of non 
electrolyte systems. Low pressure systems are ones whose vapor is nearly ideal but whose 
liquid is not. Other more complex theories for high pressure VLE compensate for the non-
idealities of both the vapor and liquid phases. 
6,3 • Local Composition Models 
The next models to be discussed are local composition models. Again, these are 
derived on the basis that the components of a mixture are of different size and therefore 
interact based on their size and concentration in a mixture. The Tsuboka & Katayama, 
Wang & Chao, NRlL, Heil, and UNIQUAC equations are all modifications of Wilson's 
relation. For each of the models, the theoretical differences and their effect on 
representation of refrigerant/oil mixtures will be examined. 
Local composition expressions are derived assuming the components of a mixture 
are of different size and interact based on their size and concentration in a mixture. These 
relations account for the difference in intermolecular forces and molecule size. The local 
composition theories are also referred to as lattice theories because they treat the liquid 
mixture as if its molecules were in a rigid lattice structure. This lattice structure idea for 
liquids is another means for specifying the local compositions in a mixture and accounting 
for the different shapes of the molecules. In this way the lattice and local composition 
models both account for the size and even molecular structure of the mixture. 
6,3,1 • Wilson Equation 
The Wilson relation is the most well known of the local composition models. 
Wilson proposed a new expression for the Gibbs energy which could be applied to 
mixtures. The relation was derived for non ideal solutions and was easily extended to 
multicomponent mixtures. For a mixture of n components, the Wilson relation requires 
n(n-l) binary parameters. If the two parameters fora binary mixture are assumed to be 
equal, Wilson's equation reduces to Flory-Huggins relation. Therefore it is occasionally 
referred to as Wilson's extension of Flory-Huggins theory. 
Wilson referred to his derivation as "semitheoretical". A relationship which 




x x e-)"'ll.lRT 
....1!. = _I (6.4b) 
X22 X2 e-"-nIRT 
Where the local composition X12 is the mole fraction of component 1 around component 2, 
and x 11 is the local mole fraction of component 1 around component 1. They are related by 
the relations 
X2l +xu =1 
~2 +X22 = 1 
(6.4c) 
(6.4d) 
The A12 term is an interaction energy parameter of molecule 1 on component 2, and A12 is 
equal to A2l . In chapter 7, the differences in interaction energies will be introduced 
(lal=A21 - All and la2=A12 - A22); it is use to note that this model is closed with 
knowledge of those two parameters. Substitution of the local mole fractions for the overall 
volume fractions in the Flory-Huggins equation (Wilson 1964) produces the following 




- = -xlln(xl + A12X2 ) - x2ln(~ + A2lXl ) RT 
A = -1..exp 12 22 v (A -A ) 
12 VI RT 
A =-lexp _ 21 u. V (A -A )
21 V2 RT 




The interaction parameter Aij provides immediate insight into the behavior of a mixture. 
Positive values occur for mixtures who deviate positively from Raoult's law and negative 
values occur for negative deviations. 
Wilson's relation does not represent liquid-liquid equilibrium. Therefore 
immiscible and ~artially miscible mixtures cannot be evaluated using Wilson's relation. 
Because many refrigerant/oil mixtures are partially miscible or completely miscible in part 
of the temperature and concentration range, Wilson's relation is not applicable to those 
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situations. Wilson and Scatchard (1964) and laterRenon and Prausnitz (1968) explain that 
by dividing the interaction energies by a constant, Wilson's relation can be used to model 
partially miscible systems. Renon and Prausnitz suggest a value for the constant of one-
half the coordination number of the liquid. The coordination number is the number of 
smaller molecules which can border a large molecule. Renon and Prausntitz later 
incorporated this modification in their NRTI.. relation. 
Wilson's equation has been modified in other ways. Without additional 
parameters, Tsuboka & Katayama (1975) and Wang & Chao (1983) expanded the equation 
by introducing additional tenns. The additional tenns are functions of parameters already 
used in the original Wilson equation. 
6,3,2 - Tsuboka & Katayama Relation 
Tsuboka and Katayama proposed a modification to Wilson's equation which has 
demonstrated value. The modification looks to solve for the excess enthalpy due to the 
local volume concentrations. An expression for the excess enthalpy term is integrated to 
find the excess Gibbs energy. The expression for the activity coefficient is then shown to 
be (Tsuboka & Katayama, 1975) 
In YI = -In(Xt + x2A 21 ) + X2[ A21 _ Al2 ] 
Xl + oXlA 21 xlA l2 + x2 
+In(xi +X,JJ2I)-X2[ P21 - Pl2 ] (6.8) 
Xl + X,JJ21 XIPl2 + x2 
The first two tenns are identical to the Wilson relation. The second two tenns are referred 
to as the volume ratio term. They are identical to the frrst tenns except that the ratios of the 
molar liquid volumes (P21 = v2 / VI & PI2 = VI / V2 ) are substituted for the interaction 
coefficients (A21 & A12 ). The modification still requires two parameters, can be applied 
to liquid-liquid systems, and requires little additional computation time. 
6,3,3 - Wane & Cbao Relation 
While Tsuboka and Katayama fmd the enthalpic contribution to the Wilson relation, 
Wang and Chao added the effects of both the excess entropy and enthalpy tenns. Excess 
enthalpic and entropic contributions are assumed, and substituted into the relation for Gibbs 
energy. The resulting relation for the activity coefficient is (Wang & Chao, 1983) 
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Again the fIrst two terms are identical to the Wilson relation. The third term includes 
parameters found in the original equation - X12 , X21' and X22 may found using Equation 
6.4, and interaction energy differences are again the variable parameters in finding AI2 and 
A21 • The value of z is the coordination number, the number of small molecules around a 
larger molecule, in this work always assumed to be equal to six. 
6,3,4 - Heil Equatjon 
The Heil equation (Heil, 1966) is a semi-empirically based relation. Its expression 
for calculating activity coefficients contains terms from both the Wilson and NRTL 
equation. Heil and Prausnitz sought to model solutions of polymers in mixed solvents and 
solutions of polar and hydrogen bonded components. 
The Heil equation is also a two parameter equation. Unlike the other more 
theoretical equations, it requires only two parameters for multicomponent mixtures. The 
activity coefficient is found by equation 6.10. The fIrst two terms are exactly equal to 
Wilson's relation while the fmal term is identical to the NRTL equation. The activity 
coefficient is found from the interaction terms as defined in equation 6.6 and the relation 
(6.10) 
where 
(6. 11 a) 
(6. 11 b) 
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6,3,5 - NRIL Model 
The NRTL equation is another local composition model which can be used to study 
mixtures. The Non-Random Two-Liquid theory (NRTL) was developed by Renon and 
Prausnitz (1968) as a modification of Wilson's equation. The expression for the local 
composition ratio also uses a Boltzmann distribution, but introduces another parameter 
«112=(121) to "account for the non-randomness of the liquid solutions" (Renon, 1968). 





where 'f21 and 'f12 are found from 6.11. 
Renon and Prausnitz do not rely on lattice theory for this third parameter as in the 
modification of Wilson's equation. Instead they consider the third parameter an empirical 
constant independent of temperature. Renon and Prausnitz present suggested values for 
each of seven different types of systems. When this parameter is zero, the solution is said 
to be completely random. In this case the NRTL equation reduces to the two suffix 
Margules equation. For the refrigerant-oil mixtures it was found that a value of 0.5 gave 
the best results in each of the three cases. All the NRTL calculations in this study therefore 
used this value. 
A special case of the NRTL equation can be obtained by setting the non-
randomness parameter equal to negative one. The local effective mole fraction (LEMF) 
model was developed by Marina and Tassios (1973). The LEMF equation only applies to 
mixtures whose excess entropy is greater than zero (Gennero de Chialvo, 1994). As 
Spauschus (1963b) observes, refrigerant and oil solutions may have positive and negative 
excess entropies. 
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6.4 - Group Contribution Methods (UNIOUACl 
The UNIQUAC or Universal Quasi-Chemical theory is another popular mixture 
relation. It incorporates the idea of local composition but is also based on the structural 
parameters of the components. UNIQUAC is a extension of Guggenheim's quasi-chemical 
theory which was restricted to molecules of similar size. The UNIQUAC relation applies 
to molecules of different sizes, to miscible and partially miscible systems, and requires only 
two parameters per binary system. 
The UNIQUAC relation is composed of a combinatorial and a residual part. The 
combinatorial part is based on the molecular structure and size differences of the 
components, while the residual part is based on the interaction of the molecules. 
(6.14) 
The combinatorial part is a function of the mole fractions and different molecular 
parameters as defmed below. 
In rl = Xl In <1»1 + x2In <1»2 + (':')(qlXlln 8 1 + q2x2ln 8 2 J (6.15) 






The r and q are structural and size parameters respectively. The values are 
determined by the structure of the chemical groups of a component. Each component is 
divided into separate chemical groups for which the angle and length of the bonds have 
been observed. The r and q values for a molecule are equal to the sum of the values of its 
chemical components. For further information on the determination of the structural 
parameters see Appendix C. 
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The combinatorial part of the UNIQUAC equation has no variable parameters. The 
parameters are all detennined by the molecular composition, composition of a mixture, and 
the molecular structure of its components. 
The residual term of the UNIQUAC relation contains variable parameters similar in 
fonn to the variable parameters in the Wilson and NRTL models. The exponential tenn 
again is a difference in energy parameters divided by temperature and the gas constant For 
any multicomponent mixture this tenn exists twice, therefore producing the two variable 
parameters. 
The UNIQUAC theory requires structural information rather than the density 
infonnation needed by other equations. For this reason, the UNIQUAC equation would be 
valuable in the event that little infonnation such as density as a function of temperature were 
known and the structure of the mixture components was well known. The large structure, 
non unifonn character, and lack of precise molecular infonnation about the oil limit its 
usefulness, however. 
Hesse and Kruse (1988) used the UNIQUAC equation to model a R-22, R-114, 
and homogeneous alkyl benzene oil. The UNIQUAC model showed accurate prediction of 
the mixture pressure and excess enthalpy and miscibility gap. Hesse and Kruse conclude 
that vapor-liquid equilibrium calculations are possible even with limited information about 
the lubrication oil. 
The UNIFAC (Universal Functional Activity Coefficient) equation is very similar to 
the UNIQUAC equation. The expressions for the combinatorial part of the activity 
coefficient are identical. The residual terms are determined from group interaction tenns. 
Many of the interaction tenns are available for common organic groups, but little 
infonnation has been found for the fluorine containing groups found in refrigerants. 
6,5 - Empirical Equations 
A widely used method of correlating refrigerant oil saturation properties is the 
empirical fit of experimental data to a particular fonn of equation. A few of the more 
general equations will be examined in their application to refrigerant/oil mixtures. Some 
empirical relations which have been used to describe refrigerant/oil mixtures will then be 
examined. 
Purely empirical relations do not represent refrigerant/oil mixtures well because of 
their simple fonn. The Margules, van Laar, and Redlich-Kister relations are the most 
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common of these. The relations are attempts to characterize the activity coefficient as a 
function of composition. Only solutions of molecules which are very similar in size and 
behavior are represented well (Tassios, 1993). 
6.6 - Rea=ular Solution Theory 
The regular solution theory as suggested by Scatchard and Hildebrand is not a local 
composition model yet it does have a strong theoretical basis (Prausnitz et al., 1986). 
Spauschus (1963b) suggests that the regular solution theory may hold promise for the 
evaluation of refrigerant/oil miXtures. Regular solution equations always predict the activity 
coefficients to be greater or equal to one as a result of the geometric mean assumption. The 
geometric mean only allows for the cohesive energy density of the mixture to be greater 
than each of its constituents. This is not a good assumption for refrigerant/oil mixtures. As 
discussed in Chapter 5, refrigerant-oil mixtures may have activity coefficients less than one 
as well. 
6.7- Flory-Hua=a=ins Polymer Theory 
Perhaps the most widely used refrigerant/oil mixture theory is the Flory-Huggins 
polymer theory. As a polymer theory, it is used to model solutions of molecules with 
different molecular sizes and structures. The polymer is often many times larger than the 
solvent and therefore effects the mixture property much more than the mole fraction would 
indicate. Flory's theory accounts for this by using a volume fraction rather than a mole 
fraction. Flory-Huggins theory is a particular case of the Wilson relation. When the two 
interaction parameters in Wilson's relation are equal, the resulting equation is a form of the 
Flory-Huggins relation. 
Flory-Huggins' relation appears in many different forms. Many require 
information on the exact molecular composition of the constituents. But because of the 
difficulty in accurate measurement of a molecular weight of refrigerant oils, the following 
form is convenient, because it relates mass fractions and densities to determine the volume 




where w is the weight and p is the liquid mass density of each of the components. These 
are used to calculate the refrigerant activity with the relation 




where V2 and VI are the specific volumes of the liquid at the temperature of the mixture, and 
F is the Flory interaction parameter. The interaction parameter is found from experimental 
mixture data. The interaction parameter is dependent on temperature and is also dependent 
on the molecular weight of the polymer and the polymer concentration. 
For polymer solutions, weight or volume fractions are much more useful than the 
mole fraction. Refrigerant and oil molecules do differ much in size, not to the extent that 
most true polymer systems do. Though an oil's molecular weight may be up to twenty 
times larger than the refrigerant's, most are between five and ten times larger. In polymer 
solutions, one component may be 1000 times the size of the other. 
Because Flory-Huggins theory is derived for polymer solutions, it can be used to 
describe only a few refrigerant/oil mixtures. For this reason, this study did not use Flory-
Huggins theory to model refrigerant/oil mixtures. 
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Chapter 7 • Model Comparison 
7.1 • Introduction 
The six local composition vapor liquid equilibria models of chapter 6 were used to 
correlate the experimental data described in chapter 5. A comparison of the performance of 
the mixture models for these limited data will not provide a measure of model performance 
for all mixtures; however, it will allow an initial understanding of their use as applied to 
refrigerant -oil mixtures. 
The performance of the models depends on the availability and reliability of pure 
constituent data, the accuracy of the correlated data, and appropriateness of the models for 
refrigerant-oil mixtures. With the uncertainties in data and constituent information for each 
refrigerant-oil solution being similar, a comparison of the performance of each model will 
reveal their applicability to refrigerant-oil solutions. 
To compare the models, a set of binary interaction parameters were found to 
optimize the fit of the model to the experiment data. The difference in the calculated and 
experimental pressures divided by the experimental pressure was minimized as described in 
Appendix B. 
Interaction parameter and error results are tabulated for each model. Interaction 
parameters lal and 1a2 are defined as 
lal = A21 - All = Al2 - All (7.1) 
(7.2) 
where Aij is the parameter quantifying the interaction energy between the i and j molecules 
as defined in Wilson's relation (6.6). A 95% confidence is used in evaluating the error in 
pressure as predicted by the model. The first two mixtures have activity coefficients greater 
than one, the second two have activity coefficients less than one, and the final three 
mixtures have activity coefficients both greater and less than one. Therefore, this initial 
screening represents all possible activity coefficient behaviors. 
7.2 • Character of Interaction Parameters 
The results for the correlation of data using the Wilson relation are given in Table 
7.1. The calculation of the interaction parameters is discussed in Appendix B. As 
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predicted, the mixtures which have positive deviations from Raoult's law have two positive 
interaction parameters while the mixtures with negative deviations have mixed signs. The 
three mixtures with activity coefficients both less than and greater than one have two 
positive interaction parameters; in contrast to the frrst two mixtures (which have activity 
coefficients greater than one), the interaction parameters for the last three are notably 
different in size, Le.lal»Ia2. The performance of Wilson's equation was best when the 
mixtures had activity coefficients greater than one and worst when the mixture had activity 
coefficients less than one. 
Table 7.1 - Interaction parameters and % error for the Wilson equation 
Mixture lal 1a2 % error 
(1) R-12/naphthenic 263.9 1986 5.1 
(Grebner) 
(2) R-12/paraffinic 7415 2634 3.9 
(Grebner) 
(3) R-22/puE 20000 -403 11.0 
(4) R-134a/PAG -8128 3441 9.6 
(5) R-134a/POE 17569 2003 8.0 
(Grebner) 
(6) R-134a/POE 18449 2510 9.5 
(this work) 
(7) R-125/POE 20000 1441 5.6 
The behavior of Heil's equation, shown in Table 7.2, is very similar to that of 
Wilson's equation. The interaction parameters have the same character, but the errors are 
up to 2.8 percent smaller than those for Wilson's relation (consider the R-134a/PAG 
mixture). The Heil equation was proposed for mixtures similar to the R-134a/PAG mixture 
in which the refrigerant-oil solution more closely resembles a polymer solution. 
The interaction parameters for the NR1L relation are different from the previous 
two cases. Mixtures which have activity coefficients less than one have two negative 
interaction parameters, while the others have a negative value for 1a2 and positive lal values 
as shown in Table 7.3. 
The interaction parameters of the Tsuboka & Katayama, Wang & Chao, and 
UNIQUAC relations can not be characterized like the previous three models. They are 
presented in Tables 7.4 through 7.6 respectively. Only five of the seven mixtures are 
modeled using the UNIQUAC relation, due to uncertainty in the molecular weight of the 
oil. 
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Table 7.2 - Interaction parameters and % error for the Heil equation 
Mixture lal la2 % error 
(1) R -12/naphthenic 804 1024 4.7 
(Grebner) 
(2) R-12/p c 1615 1307 3.1 
(Grebner) 
(3) R-22/POE 6371 -224 10.4 
(4) R-134a/PAG -4626 1667 6.7 
(5) R-134a/POE 3993 948 5.6 
(Grebner) 
(6) R-I34a/POE 4417 1122 7.1 
(this work) 
(7) R-125/POE 5493 642 5.5 
Table 7.3 - Interaction parameters and % error for the NRTL equation 
Mixture !al la2 % error 
(1) R-12/naphtheruc 4571 -1105 7.7 
(Grebner) 
(2) R-12/paraffinic 6981 -2059 6.5 
(Grebner) 
(3) R-22/POE -967 -4709 4.4 
(4) R-134a/PAG -359 -4788 9.9 
(5) R-I34a/POE 7421 -2528 12.0 
(Grebner) 
(6) R-134a/POE 9498 -2784 12.6 
(this work) 
(7) R-125/POE 8481 -3363 3.5 
Table 7.4 - Interaction parameters and % error for the Tsuboka and Katayama equation 
Mixture lal la2 % error 
(1) R-12/naphthenic 2029 517 5.4 
(Grebner) 
(2) R-12/paraffinic -4437 1847 3.3 
(Grebner) 
(3) R-22/POE -11472 -889 13.3 
(4) R-1343/PAG -15259 -247 14.9 
(5) R-I34a/POE -5389 1721 5.9 
(Grebner) 
(6) R-I34a/POE -12013 2366 3.4 
(this work) 
(7) R-125/POE -4941 918 7.4 
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Table 7.S - Interaction parameters and % error for the Wang and Chao equation 
Mixture lal 1a2 % error 
(1) R-I2/naphthenic 2199 -189 9.5 
(Grebner) 
(2) R-l~araffinic 4115 -43 8.8 
(Grebner) 
(3) R-22/POE 5716 -1070 5.5 
(4) R-134a/PAG -1609 2715 10.2 
(5) R-I34a/POE 4212 -136 15.1 
(Grebner) 
(6) R-134a/POE 20000 1886 13.1 
(this work) 
(7) R-125/POE 4579 -381 3.8 
Table 7.6 - Interaction parameters and % error for the UNIQUAC equation 
Mixture !al 1a2 % error 
(1) R-12/naphthenic n/a n/a n/a 
(Grebner) 
(2) R-12/paraffinic 277 5897 7.4 
(Grebner) 
(3) R-22/POE 4115 -1366 13.9 
(4) R-134a/PAG n/a n/a n/a 
(5) R-I34a/POE 1334 971 8.2 
(Grebner) 
(6) R-134a/POE 79.8 1144 4.3 
(this work) 
(7) R-125/POE -570 1715 9.1 
7.3 - Model Comparjson 
To compare the six models, the error was compared for each of the three different 
mixture groups. Mixtures with activity coefficients greater than one are compared in Figure 
7.1 (the numbers in the figure correspond to the mixture numbers used in Tables 7.1 
through 7.6). The performance of the models is similar for both of these mixtures, with 
the Heil model and the Wang & Chao equations correlating the R-12/paraffinic mineral oil 
data (mixture 2) to about 3 percent. The Heil equation is slightly better than the Wilson 
equation and the Wang & Chao relations, and all three have about half the error of the 

















Figure 7.1 - Perfonnance of models for mixtures with activity coefficients greater than 1. 
For mixtures with activity coefficients less than one, the behavior is different. 
Again the Tsuboka & Katayama and the UNIQUAC relations have performance worse than 
the other models, with errors above 13 percent. Figure 7.2 shows that the Heil equation 
again provides a moderately better correlation than the Wilson relation. Interestingly, the 
NRTL and Wang & Chao relations provide the best correlations of the R-22/POE data, but 
only have moderate success with the R-134a/PAG data 
The model performance for mixtures with mixed activity coefficients is compared in 
Figure 7.3. The Tsuboka & Katayama model and the Heil equation predict all three 
mixtures to within 7.5 percent, and the UNIQUAC equation correlates all three mixtures to 
within 9.1 percent. The Wang & Chao equation and the NRTL relation deviate more than 
12 percent for the R-134a/POE mixtures, they correlate the R-125/POE data to within 4 
percent. 
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Figure 7.3 - Performance of models for mixtures with activity coefficients both greater 
and less than one. 
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· -Finally, it is useful to compare the overall performance of these models by 
considering their average percent error for all of the refrigerant/oil mixtures. Such a 
comparison is presented in Figure 7.4. The Heil equation shows the best overall results 
when compared on this basis. It is also reasonable to compare the worst performance of 
each model; thus, a measure of which model does best under the worst conditions that can 
be obtained. Again, the Heil equation shows the best performance; in the worst case, its 
average error was 10.4% (for mixture #3). The performance of Heil's equation is shown in 
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Figure 7.4 - Average percent error for (1) Wilson, (2) Heil, (3) NRTL, (4) Tsuboka & 
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Figure 7.S - Plot of predicted versus measured pressure for R-22/POE mixture. 
7.4 - Practical Implications 
This research has provided unique refrigerant-oil mixture data, and analysis of that data 
(along with other data from the literature) has allowed the detennination of the interaction 
parameters for six local-com position-based mixture models. This work demonstrates: 
• The interaction parameters of the Wilson, Heil, and NRTL equations have unique 
characteristics for mixtures with positive, negative, and mixed deviations from 
Raoult's Law. No pattern in interaction parameter values was observed for the 
models of Tsuboka & Katayama, Wang & Chao, or the UNIQUAC equations. 
• The UNIQUAC equation correlated to within 10 percent the experimental results 
of four of the five mixtures to which it was applied. 
• The Wilson and Heil equations are the most consistent for all three mixture types, 
with no error greater than 11 percent for any of the mixtures tested. Both models 
had their worst performance with R-22/POE mixtures, and significantly better 
performance with the other mixtures. 
• The Heil equation offers a slight improvement over Wilson's relation in 
correlating refrigerant-oil mixture data. It provided the best correlation for four 
of the seven mixtures; it was within 5.6 percent for four mixtures. The average 
error for all the mixtures tested was 6 percent using the Heil equation. 
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Once the interaction parameters, la1 and la2, are known, any of the six models can 
be used to predict refrigerant-oil mixture data. Using the values of the interaction 
parameters given in this chapter, the model parameters and refrigerant activity coefficient 
can be predicted for a given temperature and mixture composition. By calculating the 
fugacity coefficients and Poynting effect, the mixture pressure can be predicted at the 
temperature and composition of interest. The iterative process is detailed below: 
1) Knowing the parameters la1 and la2, detennine the needed model parameters at a 
given temperature and composition from the relations given in Chapter 6. This is 
done using Equations (6.4), (6.6), (6.11), (6.13), or (6.15) through (6.18), 
depending on the model, to calculate X2h Xll, X12, X22, A12, A21 , :rI2 , t'21' or 
the UNIQUAC parameters. 
2) Use the selected model and calculated parameters to predict the activity 
coefficient, rl' This involves the use of Equations (6.7), (6.8), (6.9), (6.10), 
(6.12), or (6.14), depending on the model selected. 
3) Estimate the mixture pressure - for a first guess, assume the fugacity 
coefficients and Poynting effect to be one and use Equation (5.9). 
4) With the estimated mixture pressure and an equation of state (e.g., Peng-
Robinson, Equation 5.7), calculate the fugacity coefficient at the mixture 
pressure and temperature, 4>;, and the fugacity coefficient of the saturated vapor 
at the mixture temperature, 4>;,3' 
5) Use Equation (5.8) to calculate the Poynting effect. 
6) Calculate the mixture pressure using: the definition of the activity coefficient, 
Equation (5.9); the activity coefficient prediction from step (2); the fugacity 
coefficient calculations from step (4); and the Poynting effect calculation from 
step (5). 
7) Compare the pressure calculation resulting from step (6) to the estimate of step 
(3), and repeat steps (4) through (6) until the calculations converge. 
This procedure can be slightly modified (the equations remain unchanged) to predict 
temperature given mixture pressure and composition, or to predict composition given 
temperature and pressure. The iteration for these two cases will include the model 
parameter and activity coefficient calculations of steps (1) and (2). 
57 
Chapter 8 - Conclusions and Recommendations 
8,1 - Conclusions 
To provide information for refrigeration and air-conditioning engineers, solution 
models were used to regress refrigerant-oil mixture data. Mixtures of a polyol ester 
lubricant with refrigerants R-22, R-125, R-134a, and AZ20 (50% R-125, 50% R-32) were 
studied in a constant volume pressure vessel at pressures to 3.45 MPa (500 psia). 
Refrigerant mass concentrations of 20, 40, 60, 80, 95, and 100% were studied at 
temperatures from -50 OF (-46 °C) to 250 OF (121°C). The equilibrium properties of 
temperature, pressure, liquid density, and viscosity were measured and presented. Liquid 
concentration values were corrected for the shift of composition due to the evaporation of 
refrigerant from the oil. 
Activity coefficients were calculated to compare the behavior of the mixtures. 
Fugacity coefficients and the Poynting effect were used to account for nonideal vapor and 
liquid phase behavior. The refrigerant-oil mixtures show three different types of behavior: 
positive deviations from Raoult's law, negative deviations from Raoult's law, and mixed 
deviations from Raoult's law. The three types of behavior seem to be a result of the 
difference in size between the refrigerant and oil molecules. In mixtures similar to polymer 
solutions (y<I), the size difference between the oil and refrigerant molecules is the 
dominant effect, and forces between unlike molecule dominate. In mixtures with activity 
coefficients greater than one, the oil and refrigerant are of comparable size, and interaction 
forces between like molecules dominate. In mixtures with both negative and positive 
deviations from Raoult's law, both types of interactions can be dominant, depending on the 
composition and temperature. These interactions include forces such as hydrogen bonding. 
Six different mixture models were compared to the mixture vapor-liquid equilibria 
(VLE) data: Wilson's relation, the Heil equation, a relation from Tsuboka & Katayama, a 
model proposed by Wang & Chao, the Non-Random Two Liquid (NRlL) model, and the 
Universal Quasi-Chemical (UNIQUAC) theory. A simple optimization routine was used 
to calculate the binary parameters for each model. 
The six low-pressure models correlate the data to within 3 to 15 percent. The 
Wilson and Heil models were most consistent. . Both calculated every mixture to within 11 
percent, with the overall performance of the Heil equation superior to the Wilson equation. 
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8.2 - Recommendations 
For future measurements of refrigerant-oil mixture properties, a number of 
improvements to the apparatus used in this study may be useful. By changing the site glass 
configuration, it may be possible to view the liquid-vapor interface with more liquid in the 
chamber. Reducing the amount of vapor in the apparatus will prevent the change in 
composition of zeotropic refrigerant mixtures and reduce uncertainty in the mole and mass 
refrigerant fractions. Modifications to the environment chamber should be made to allow 
measurement of flammable refrigerant and oil mixture properties. The temperature 
uncertainty should be reduced to reduce fugacity and activity coefficient uncertainty. 
Several other changes may improve the correlation of VLE data with local 
composition models. Improving the equation of state will reduce the uncertainty of the 
activity coefficients. Improvement of the optimization procedure will allow for quicker and 
more accurate determination of the interaction parameters. 
The results of this work suggest more research on the use of local composition 
models in the correlation of refrigerant-oil mixture data. While it is possible to detennine 
the interaction parameters from very few data (two points for a two-parameter equation), 
more study is required to suggest the number of data points required to give good results. 
A richer set of data produces better estimates of the interaction parameters, but measuring 
more concentrations at fewer temperatures may give similar results. This suggestion is 
based on the strong dependence of the models on concentration and not on temperature. It 
may be possible to estimate interaction parameter values without mixture data. 
Many of the suggested CFC replacements are refrigerant mixtures. Equations of 
state and local composition models can be easily extended to refrigerant mixtures (Hesse, 
1988). Multicomponent mixtures have been accurately predicted for other types of 
mixtures using only binary interaction parameters. 
Because the models are defined as functions of the Gibbs free energy, it is also 
possible to calculate excess thermodynamic properties using the local composition models. 
The models may also be used to evaluate the miscibility properties of refrigerant-oil 
mixtures. 
Another possibility in mixture modeling is the use of combined equations of state 
and excess free energy models. These models use the free energy models, such as those 
discussed in this work, to calculate mixing rules for equations of state. The resulting 
relations possibly can be applied to vapor pressures near or above the critical temperature 
(Heidemann and Kojal, 1990; & Mollerup, 1981). 
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Finally, research directed at the effects of oil circulation in refrigeration and air-
conditioning systems should be continued. Little is known about transient oil circulation 
rates, and it is therefore difficult or impossible to ascertain the impact on system 
performance. Using real-time oil concentration measurements and the mixture models 
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Appendix A: Fundamental Relations 
There are several fundamental thermodynamic concepts which are used in the study 
of mixtures. These concepts relate the measured thermophysical properties of temperature, 
pressure, and volume to the thermodynamic concepts of Gibbs free energy, fugacity, and 
enthalpy, for example. The conceptual properties are tools which allow the manipulation of 
the tbermophysical properties in more abstract, but precise manner. The conceptual 
properties are then related back to the initial physical properties. 
A,l - Gibbs Free Ener.:y 
The conceptual term most involved in the study of mixtures is the Gibbs free 
energy. Gibbs free energy is a state function which is defined as 
g = h-Ts (A.1) 
where g is the specific molar Gibbs free energy, h is the specific molar enthalpy, and s is 
the specific molar entropy. After differentiating and substituting (from the definition of 
enthalpy) 
dh=Tds-vdP 
the change in Gibbs free energy reduces to 
dg = vdP - stfl' . 
Thus, for an isothermal process 
dg=vdP. (A.2) 
Because many processes, including the measurement of refrigerant-oil mixtures reported in 
this study, are isothermal, the Gibbs free energy is a useful way to relate properties of 
mixtures. 
A,2 - Fu.:acity 
The change in Gibbs free energy may be found using Equation A.2 for the case of 
an ideal gas, but for real gases it is more convenient to use the fugacity. Fugacity is a 
correction term which allows for the vapor pressures of real gases to be treated as ideal 
gases. It can be thought of as the thermodynamic pressure or "escaping tendency" of 
molecules from one phase to another (Tassios, 1993). 
Assuming an ideal gas, and substituting in Equation A.2: 
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dP dg = RT- = RTd(lnP). 
P 
(A.3) 
If the fugacity, f, is introduced into Equation A.3 as the thennodynamic pressure effecting 
the real Gibbs free energy change, then: 
dg = RTd(lnf). (A.4) 
Equation A.4 is the desired relation between fugacity and Gibbs free energy. 
The fugacity may be more useful when expressed as the fugacity coefficient. The 
fugacity coefficient of a component ( Wi) in a mixture is defined as 
(A.5) 
where Ii is the fugacity of component i in the mixture, and Yi is the molar concentration 
of component i in the vapor phase. Spauschus (1963a) calculates the vapor pressure of a 
typical lubrication oil as being 1.6*10-12 atm while R-12 is 7.7 atm at 30°C. Thus, for 
refrigerant-oil mixtures, the mixture vapor may be accurately approximated as being pure 
refrigerant vapor (Yi = 1). 
To find the fugacity coefficient as a function of the measured pressure, temperature 
and specific volumes, one must use Equation A.4, the definition of fugacity, and an 
equation of state. At low pressures, as real gas approaches ideal gas behavior, the fugacity 
coefficient approaches unity. 
lim W. = 1 
p-+o I 
Using this relationship and integrating Equation A.4 it follows that 




where gO is the Gibbs energy at the low pressure initial state. Equation A.6 can be 
expressed as 
d(ln WJ = d(lnlJ - d(lnP). (A.S) 
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Substituting Equations A.4 and A.2 into Equation A.7 yields 
d(lncJ).)=- v·-- dP. - I ( RT) 
, RT ' P (A.9) 
After integrating one is left with 
(A. 10) 
By using an equation of state and substituting into equation A.IO, one has a relationship 
between the fugacity coefficient of component i in a mixture as a function of the parameters 
of the equation of state. For refrigerant-oil mixtures the fugacity coefficient is found as a 
function of the equation of state parameters and by specifying the temperature and pressure 
of the mixture. 
A.3 • Poyntim: Relation 
The Poynting relation is a correction factor to the fugacity for a superheated liquid. 
The previous fugacity relations apply only to components in the vapor phase and to pure 
saturated liquids. The fugacity of the saturated vapor phase is equal to the fugacity of the 
saturated liquid phase. Since the addition of the oil reduces the pressure of the refrigerant-
oil mixture, the liquid is superheated with respect to the pure liquid. 
The superheating or subcooling effect is accounted for by the addition of a term to 
equation A.11. 
- I p. RT I P RT 
IncJ). =-J(v.--)dP+-J(v. --)dP 
, RT 'p RT "I P 
o p. 
(A. 11) 
The first term gives the fugacity from an ideal gas (P=O) to a saturated pure liquid (Ps). 
The second term accounts for the difference in the mixture pressure (P) and the saturated 
liquid pressure (Ps), where vi,l is the liquid specific volume of component i. Integrating 
gives the relation . 
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P ( ) - -- V·. P InW; = lnW; . .r + J ~;dP+ln ; . 
p. 
(A. 12) 
where W/ is the pure saturated liquid fugacity. Rearranging and substituting for the 
definition of the fugacity coefficient yields the relation 
where I, is the fugacity of the liquid phase and 
p 





is the Poynting effect. By assuming that the liquid volume is insensitive to pressure, a 
good assumption except near the critical point (which is avoided in this work), VI may be 
replaced by an average value in the range of Ps to P. The result is given as Equation (5.8). 
A.4 - Mixture NOD-Ideality 
An ideal mixture can be thought of as a mixture of molecules in which the shape of 
all the molecules is the same and the forces between the different molecules are also the 
same. In the case of a vapor-liquid equilibrium, where the vapor acts as an ideal gas, the 
mixture will obey Raoult's Law. Raoult's law relates the pressure of the mixture to the 
components of the liquid and vapor phases by the relation 
(A.15) 
where P; is the partial pressure of the mixture due to component i. The partial pressure is 
the contribution of the component to the total pressure of the system (P). When summed, 
the partial pressures should equal the total pressure of the system. Pi,s is the saturation 
pressure of pure component i at the same temperature as the mixture, while Yi and Xi are the 
mole fractions of component i in the vapor and liquid phase respectively. 
If the vapor acts non-ideality, the pressures in Raoult's law should be replaced with 
the fugacities. By finding the fugacities of a mixture, one can use the relations for ideal 




Both Raoult's law and the. Lewis-Randall rule apply only to ideal mixtures. Most mixtures 
are not ideal, however, and therefore require a measure of the deviation from ideality. This 
is known as the activity coefficient 
A.S - Activity and Activity Coefficients 
Before one can define the activity coefficient, it is necessary to understand activity. 
The activity of a component is the ratio of the fugacity of a component in a mixture to the 
fugacity of the same component in a standard state. 
(A. 17) 
The standard state is arbitrarily chosen to be at a fixed composition and pressure. In many 
cases the pure fluid fugacity at zero pressure is chosen. For this study, however, the 
inaccuracies in the determination of the zero pressure fugacity were avoided by the selection 
of the saturation pressure as the standard state. 
Evaluation of the activity allows us to calculate the activity coefficients of the 
mixture. Activity coefficients are most commonly used to evaluate the non ideal nature of a 
mixture. The activity coefficient is defined as 
(A.I8) 
with a j again being the activity of the solution and Xj is the liquid mole fraction. 
Whereas Raoult's law applies to ideal solutions with ideal gases, and the Lewis-
Randall rule accounts for ideal solutions with real gases, most solutions consist of non 
ideal solutions with real gases. The activity coefficient is simply a correction factor added 
to the Lewis-Randall rule. In terms of pressure and the fugacity coefficients, the definition 
of activity coefficient becomes 
(A. 19) 
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The numerator consists of the fugacity of the refrigerant vapor in the system. The 
denominator is the mole fraction times the fugacity of the refrigerant in the liquid. The 
standard state of the fugacity is defined at the saturation temperature and pressure of the 
pure refrigerant. The standard state and the actual solution state are different, and the 
correction term for the Poynting effect (pe) is added. 
Activity coefficients greater than one correspond to positive deviations from 
Raoult's law; the partial pressure is higher than the product of the mole fraction and 
saturation pressure. Mixtures which deviate in this manner have excess Gibbs energy 
greater than zero. In tenns of the interactive forces, positive activity coefficients state that 
the forces between like molecules (ii) are stronger than the forces between unlike (ij) 
molecules. Activity coefficients less than one therefore indicate strong intermolecular 
forces between unlike molecules and possibly hydrogen bonding (Tassios, 1993). 
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Appendix B - Eyaluation of Interaction Parameters 
Before comparing the different models, interaction parameters are required for each. 
To detennine them, the data from this study and from Grebner and Crawford (1992) were 
used. 
B.1 - Procedure 
To determine the interaction parameters the experiment data were used to determine 
the optimum pair of parameters for each mixture relation. First, activity coefficients were 
calculated for ~ach of the data points. Again, only temperatures less than 95 percent of the 
critical temperature were used due to poor equation of state performance at near-critical 
temperatures. Pressures were also restricted to between,loo kPa (14.7 psia) to 1720 kPa 
(250 psi) for the low pressure mixture models. 
Activity coefficients were substituted into the mixture relationships and interaction 
parameters chosen to best fit the data. For binary mixtures in which both activity 
coefficients are known, as in many chemical systems, the two model relations (one for each 
component) are solved simultaneously. In binary mixtures of refrigerant and oils, the 
interaction parameters cannot be solved for directly. With only one model relation there are 
still two interaction parameters. The interaction parameters must therefore be found by an 
optimization procedure. 
B.2 - Objective Function 
The optimization was accomplished by using the objective function 
(B.l) 
Silvennan and Tassios (1984) compared ten different objective functions in the regression 
of vapor liquid equilibria data for 247 binary systems. Results for all the data give best 
perfonnance for the function given in Equation B.l. Their study also concludes that the 
accuracy of the prediction is not very sensitive to the quality of the data. The above 
function is superior to the squared pressure deviation, because high pressure values do not 
dominate the optimization as they would with a least-squared pressure deviation fit 
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B.3 - Searcb~etbQd 
To avoid calculating gradient infonnation for each of the six model relations 
studied, a zero-order search method was chosen to minimize Q and detennine the 
interaction parameters. The univariate search method (Stoecker, 1989) was used. In this 
approach, one interaction parameter is varied and the other remains constant. The process 
is repeated for both parameters until they converge. 
The univariate search method is extremely simple to program but is considerably 
slower than other methods. For optimization of a single model, gradient infonnation is 
more easily computed and first~order optimization methods are suggested. 
A second shortcoming of the univariate search method is its tendency to stall on a 
sharp ridges or grooves in an objective function. For the six models evaluated in this 
work, grooves do occur. To guard against this, and save time, the step size was changed 
as a search converged, and the search was restarted at many different starting points. 
This approach also addressed the possibility that local minima and not global 
minima had been identified. The different starting locations yield local minima, and the 
local minima were compared to identify the global minimum. 
B.4 - Results 
The shapes of the objective functions for the six models are all similar. This is due 
to the fact that all of the models are modifications to the basic theory of Wilson. The 
objective function of Wilson's relation has different characteristics depending on the 
activity coefficient of the mixture. For activity coefficients greater than one, the Wilson 
relation has one global minimum, but for activity coefficients less than one three local 
minima exist. 
Because all of the models evaluated in this work are extensions of Wilson's 
relation, they all behave in a similar manner. The behavior of the Wilson relation agrees 
with a study by Silverman and Tassios (1977) of the interaction parameters for mixtures. 
Silvennan and Tassios concluded that one set of local minima in the objective function, 
referred to as roots, exists for systems in which the activity coefficient is greater than one. 
In Figure B.1, the behavior of Wilson's relation is shown for the R-12/naphthenic oil 
mixture which has only positive deviations from Raoult's law. The plot shows the 
objective function as a function of the two binary parameters la1 and 1a2 which are given by 














Figure B.1 - Plot of objective function of Wilson's equation versus interaction 
parameters lal and la2 for a mixture with activity coefficients greater 
than one (R-12/naphthenic oil). 
In the case of activity coefficients less than one, three sets of roots exist. Figure 
B.2 shows a plot of the objective function for the R-22/polyol ester mixture. The three 
roots labeled Rl, R2, R3 do not have the same minimum value. The parameter evaluation 
program finds the minimum at each of these points and compares them. In both the R-
22/polyol ester and R-134a/PAG mixtures, roots Rl and R3 are significantly better than 
R2. In the R -22 mixture the optimum root is located at R3 and in the R -134a mixture the 
optimum root is located at R2. The value of the objective function slowly decreases as lal 
gets larger; however, because the improvement is very small (within the experiment 
uncertainty) and because extremely large interaction parameters are unmeaningful, the value 
of lal is limited to 20,000. 
Mixtures which exhibit activity coefficients both less than and greater than are 
similar in behavior to mixtures with activity coefficients less than one, as demonstrated in 
Figure B.3. For all cases in which the activity coefficients show mixed deviations from 
Raoult's law, the optimum root is found at R3. The objective function value at root R3 
decreases very slightly as lal gets larger, and parameter lal is therefore limited to 20,000. 
The Heil relation, Tsuboka & Katayama equation, Wang & Chao relation, NRTL 
























Figure B.2 - Plot of objective function of Wilson's equation versus interaction 
N 
to 
parameters lal and la2 for a mixture with activity coefficients less 
















Figure B.3 - Plot of objective function of Wilson's equation versus interaction 
parameters lal and la2 for a mixture with activity coefficients 
greater than and less than one (R-l25/polyol ester). 
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Appendix C - Structural Data fQr the UNIOUAC Model 
As discussed in chapter 5, the UNIQUAC relation requires structural infonnation 
for the constituents rather than thennophysical infonnation. The structural infonnation is in 
tenns of a size parameter (q) and structure parameter (r) for each constituent. These 
parameters are detennined from the molecular structure of the constituent. 
To detennine the parameters, one must know the molecular structure. This 
structure can be considered by breaking the molecule into several chemical groups. For 
example, R-134a, whose molecular fonnula is CH2CF3F can be broken into three 
component groups of CH2, CF3, and F. The groups are common, and their structure and 
size parameters have been detennined by examining chemical bond angles and lengths with 
x-ray diffraction and microwave data. Fortunately, most of the chemical groups in 
refrigerants and oils have been studied. 
Tables of the chemical groups and their respective size and structure values are 
found in Bondi (1968) and Beaton and Hewitt (1989). As in Bondi, the parameters may be 
given in tenns of the Van de'r Waals volume and area. The parameters may then be 
calculated using the relations 
V. 
r. =--l!L 
, 15.17 (C.l) 
q _ ~i 
i - (2.5 X 109) (C.2) 
The values for chemical groups present in refrigerants or oils are given in Table B.1. 
Table C.I - Size and structure contributions for various chemical groups 
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To find the size and structure for a molecule, the contributions of each 
of the chemical groups are added according to the relations 
(C.3) 
(C.4) 
where r and q are the molecular parameters, Ti and qi are the contributions of ~e chemical 
groups, and ni is the number of the i chemical groups in the molecule. The size and 
structure values for the refrigerants and oil used in this study are given in Table B.2. 
Table Co2 - Size and structure values for refrigerants and oil 
While the molecular formulas for refrigerants are well known, the exact molecular 
composition of the polyol ester must be estimated. The polyol ester was known to be a 
pentaerythritol based ester of the form C(CH2C02R)4 where R is a branched or mixed 
alkyl chain. To estimate the composition of R, several alkyl chains of different 
configurations were proposed. Each configuration satisfied the requirement of a 700 
g/mole molecular weight to within the 5 percent uncertainty. For each configuration the 
parameters varied by no more than 2 percent. The values in Table B.2 are the averaged 
values of the eight different configurations. Although the values are approximated, the 




Data used in the mixture model comparison are given in this chapter. Refrigerant 
and oil infonnation is followed by data from this study and new plots of data by Grebner 
and Crawford (1992). 
D,I - Refri&erant Ipformation 
Table D.I - Refrigerant manufacturer infonnation 
D,2 - Oil information 
Table D.2 - Polyol ester lubricant infonnation (this work). 
manufacturer leI Amencas, Inc. 
oil classification polyol ester 
tra.dename EMKARAlE RL 68H 
mole weight 700 
specific weight 0.997 
viscosity 40°C 72.3 cSt 
viscosity 100°C 9.8 cSt 
viscosity index 116 














Table D.S - Naphthenic mineral oil lubricant infonnation (Grebner). 
manufacturer Wltco 
oil classificanon naphtheruc mmeral oil 
mole weight 300 to 350 
specific weight 0.8939 
viscosity 40°C 12.0 cSt 
viscosity 100°C 2.6 cSt 
flash point 290°C 
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Table D.6 - Paraffinic mineral oil lubricant infonnation (Grebner). 
manufacturer BVAOils 
oil clasSification . mmera.loil 
mole weight 500 
weight 0.88 
viscosity 40°C 102.0 cSt 
viscosity 100°C 11.12 cSt 
flashpomt 475°C 
pourpomt 5°C 
D.3 • RefriKerant.QjJ Mixture Data 
Table D.7 - R-22 and RL 68H mixture data 
Temperature ! Pressure (lcPa) Liquid DensIty Refrigerant 
(C) (kg/m1\3) Mass Fraction 
-47.37 76.~ 1405.7 0.9498~ 
-35.67 130.1 1373.0 0.94971 
-20.0El 246.0 1328.~ 0.9495~ 
-3.53 441.~ 1280.0 0.94925 
10.5El 690.0 1234.S 0.94901 
27.51 1114.7 1177.7 0.9486~ 
39.5~ 1514 . .&1 1134.0 0.94814 
53.0El 2090.C 1077.4 0.94753 
65.51 2747.5 1020.8 0.94675 
72.4El 3170.5 984.E 0.9461 S 
-47.23 78.~ 1321.0 0.80235 
-31.8E 151.7 1288.~ 0.80210 
-20.0.&1 240.7 1262.~ 0.80180 
-0.90 471.E 1219.3 0.8011 f 
15.8S 782.1 1189.9 0.8003~ 
30.64 1164.5 1155.1 0.7993El 
45.58 1674.S 1116.7 0.79817 
60.37 2333.~ 1075.5 0.7967(J 
75.3.&1 3171.0 1032.S 0.79494 
-44.9~ 85.E 1250.3 0.59968 
-32.09 139.C 1229.2 0.5990e 
-17.41 236.C 1206.7 0.5983E 
-2.59 394.4 1180.0 0.59724 
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10.71 594.0 1156.1 0.5958 
25.09 888.7 1130.e 0.59390 
41.95 1359.~ 1100.7 0.59081 
59.45 2000.~ 1068.S 0.5865:3 
74.12 2707.7 1041._7 0.58120 
81.2S 3079.7 1029.5 0.5767:3 
-44.79 43.5 1178.4 0.39514 
-33.24 82.E 1158.8 0.3946~ 
-19.25 145.E 1140.S 0.3940S 
-5.20 252.0 1121.4 0.3932~ 
5.55 356.9 1107.2 0.3922Jl 
19.0E 555.2 1086.3 0.39091 
34.2S 824.E 1067.8 0.3889E 
49.04 1192.1 1046.e 0.38651 
63.02 1607.7 1028.0 0.38371 
76.09 2075.:3 1008.S 0.38070 
87.78 2493.1 995.4 0.37770 
-32.93 38.2 1097.7 0.19850 
-16.79 74.3 1079.1 0.19754 
-3.73 123.e 1064.1 0.19651 
10.75 203.E 1047.1 0.1950e 
23.92 305.4 1031.e 0.19319 
38.38 444.3 1016.1 0.19053 
53.1:3 627.7 999.5 0.18726 
66.3e 849.9 984.0 0.18358 
81.29 1108.2 968.e 0.17944 
Table D.S - R-134a and RL 68H mixture data 
Temperature Pressure (kPa) LiqUld DenSIty Refiigerant 
(C) (kg/m"3) Mass Fraction 
-45.58 47.6 1409.2 0.95009 
-35.94 73.4 1380.3 0.95006 
-27.81 1 04.1 1357.4 0.95003 
-16.77 164.7 1325.3 0.94997 
-4.91 257.5 1290.7 0.94989 
7.51 396.7 1252.0 0.94977 
19.73 586.0 1212.3 0.94962 
32.65 849.2 1168.5 0.94942 
45.40 1194.4 1120.5 0.94919 
56.41 1562.2 1075.7 0.94898 
68.33 2050.7 1 022.4 0.94876 
77.92 2520.5 973.5 0.94865 
83.94 2869.7 936.7 0.94873 
-18.60 142.5 1271.4 0.79974 
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-7.48 221.8 1246.1 0.79940 
3.58 331.6 1219.3 0.79896 
16.09 501.4 1188.7 0.79831 
28.23 722.9 1158.2 0.79751 
39.70 990.5 1128.1 0.79656 
51.09 1328.6 1096.1 0.79537 
62.39 1747.9 1062.8 0.79387 
73.55 2248.6 1028.4 0.79198 
81.22 2655.5 1002.5 0.79029 
-12.82 180.6 1177.6 0.56015 
-1.00 281.8 1157.9 0.55903 
11.73 435.5 1136.1 0.55741 
25.36 659.8 1112.9 0.55503 
38.08 941.7 1089.9 0.55202 
52.56 1357.4 1064.9 0.54729 
67.40 1925.4 1038.1 0.53995 
80.67 2568.8 1014.7 0.52934 
-11.43 184.1 1126.9 0.39951 
-0.68 271.9 1111.9 0.39877 
12.33 418.0 1094.6 0.39758 
22.64 570.5 1080.6 0.39641 
34.77 802.0 1063.7 0.39467 
44.93 1042.7 1049.3 0.39291 
56.31 1369.7 1034.1 0.39049 
68.28 1779.6 1017.9 0.38746 
79.92 2278.4 1002.0 0.38340 
-11.53 137.3 1074.7 0.20026 
0.08 204.4 1058.8 0.19868 
14.35 300.4 1041.8 0.19662 
25.53 412.0 1029.2 0.19414 
35.36 530.0 1018.5 0.19163 
46.34 689.0 1006.0 0.18834 
57.87 881.9 993.7 0.18444 
68.67 1080.2 981.4 0.18062 
80.53 1334.7 967.8 0.17575 
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Table D.9 - R-125 and RL 68H mixture data 
Temperature Pressure (kPa) Liquid DensIty Refrigerant 
(C) (kg/m1\3) Mass Fraction 
-41.03 139.2 1468.0 0.94983 
-26.61 254.5 1417.7 0.94957 
-11.72 446.0 1362.5 0.94920 
7.20 817.0 1287.5 0.94854 
21.71 1233.2 1222.8 0.94772 
36.13 1773.8 1150.9 0.94677 
51.38 2531.2 1059.4 0.94541 
60.51 3119.1 988.8 0.94484 
-35.01 178.2 1370.2 0.79954 
-20.36 318.2 1331.0 0.79881 
-2.13 601.9 1280.0 0.79680 
12.03 925.8 1238.4 0.79459 
21.60 1207.5 1209.1 0.79202 
36.33 1761.4 1161.8 0.78797 
51.28 2528.9 1112.0 0.78133 
60.49 3116.7 1086.0 0.77157 
-41.31 131.0 1278.8 0.60081 
-31.25 204.7 1259.1 0.59758 
-20.47 311.3 1238.7 0.59494 
-9.97 453.4 1217.8 0.59176 
-0.24 623.8 1199.3 0.58836 
10.15 855.3 1177.5 0.58350 
20.03 1140.7 1156.6 0.57638 
30.01 1485.1 1136.7 0.56852 
40.16 1909.4 1114.8 0.55522 
51.51 2481.8 1089.4 0.53565 
59.94 2961.2 1068.3 0.50958 
64.67 3231.9 1057.7 0.48709 
-38.71 119.3 1224.0 0.39350 
-28.16 199.5 1165.5 0.38901 
-15.59 301.5 1146.5 0.38596 
-1.49 484.3 1126.3 0.37821 
7.86 642.7 1112.2 0.37088 
16.70 827.3 1097.1 0.36395 
26.24 1058.2 1082.7 0.35467 
35.37 1324.1 1065.3 0.34212 
47.28 1690.2 1047.1 0.32551 
55.86 1966.4 1032.5 0.30972 . 
-31.97 112.8 1094.3 0.20012 
-21.16 128.4 1077.1 0.19727 
-9.23 191.2 1066.6 0.19357 
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-31.97 112.8 1094.3 0.20012 
-21.16 128.4 1077.1 0.19727 
-9.23 191.2 1066.6 0.19357 
0.08 250.3 1059.4 0.18935 
7.04 311.9 1053.4 0.18487 
20.34 513.9 1037.1 0.17270 
29.99 631.9 1024.1 0.16238 
39.33 756.3 1012.6 0.15323 
48.64 886.2 1000.4 0.14421 
60.04 1035.4 985.2 0.13516 
-34.39 116.2 1093.9 0.19715 
-3.94 311.0 1067.4 0.19098 
12.12 447.2 1051.9 0.18651 
21.65 582.4 1038.7 0.18280 
33.58 776.9 1024.6 0.17642 
43.49 960.8 1012.9 0.17084 
-33.63 157.3 1182.9 0.40504 
-23.54 235.8 1167.4 0.40406 
-12.90 350.8 1151.9 0.40264 
-1.23 523.0 1135.1 0.40054 
9.80 736.4 1118.2 0.39785 
21.65 1022.2 1103.2 0.39433 
32.44 1366.9 1085.8 0.38977 
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Table D.IO - AZ20 and RL 68H mixture data 
Temperature Pressure (kPa) LIquid DensIty Refiigerant I (C) (kg/m1\3) Mass Fraction 
100 % AZ20 
-19.47 408.4 1257.2 1.00000 
-24.13 338.7 1274.6 1.00000 
-30.65 266.0 1295.2 1.00000 
-45.88 135.8 1343.7 1.00000 
-9.13 590.0 1219.3 1.00000 
14.35 1225.8 1123.2 1.00000 
2.47 863.6 1173.6 1.00000 
24.07 1623.1 1073.4 1.00000 
33.87 2095.0 1022.2 1.00000 
44.81 2733.9 955.9 1.00000 
51.52 3186.9 908.2 1.00000 
-15.54 470.8 1241.5 1.00000 
-2.55 748.8 1187.8 1.00000 
-28.70 286.9 1287.4 1.00000 
-44.47 144.5 1341.9 1.00000 
10.38 1122.1 1134.1 1.00000 
22.28 1564.1 1080.3 1.00000 
35.11 2177.5 1013.3 1.00000 
49.07 3048.8 921.4 1.00000 
95% AZ20 
-44.26 170.5 1317.4 0.95001 
-29.00 306.3 1267.7 0.95001 
-15.66 493.7 1224.9 0.94990 
-6.03 679.0 1191.4 0.94977 
-6.01 678.8 1191.5 0.94973 
15.36 1295.3 1108.9 0.94965 
24.98 1673.0 1070.4 0.94965 
35.84 2210.7 1018.8 0.94947 
49.00 3013.0 947.7 0.94944 
-46.08 158.5 1330.8 0.94930 
-12.96 553.2 1215.8 0.94912 
5.87 984.6 1146.4 0.94906 
_6.33 1016.3 1145.8 0.94892 
26.93 1783.8 1063.1 0.94892 
35.84 2209.9 1018.8 0.94876 
48.22 2970.0 956.1 0.94880 
80% AZ20 
-4.24 736.6 1164.2 0.76008 
16.38 1337.6 1103.3 0.75693 
26.71 1760.8 1069.2 0.75466 
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37.18 2282.4 1033.3 0.751.73 
49.88 3083.5 1016.5 0.74560 
I 60% AZ20 
-21 .29 390.1 1217.2 0.59579 
3.69 899.3 1114.8 0.59362 
13.38 1206.3 1094.1 0.59224 
24.94 1655.5 1070.6 0.59021 
35.60 2169.8 1048.7 0.58783 
37.78 2336.3 1040.8 0.58710 
45.62 2769.1 1027.8 0.58486 
50.82 3136.8 1018.4 0.58275 
40% AZ20 
-27.51 291.7 1115.5 0.36186 
-17.59 420.7 1101.1 0.36163 
-7.31 602.8 1086.3 0.36138 
1.56 796.4 1073.5 0.36117 
11.71 1070.8 1060.4 0.36094 
21.91 1409.3 1046.6 0.36079 
31.71 1819.5 1033.2 0.36074 
42.56 2353.3 1017.7 0.36098 
53.93 3054.4 1003.1 0.36157 
20% AZ20 
-8.26 429.2 1054.6 0.19740 
0.77 560.9 1043.2 0.19642 
12.14 764.3 1031.4 0.19494 
22.11 982.0 1019.8 0.19347 
33.49 1280.0 1006.7 0.19155 
45.25 1638.8 994.2 0.18936 
56.65 2024.5 981.1 0.18730 
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D.4 • Grebner and CrawfQrd (1992) Data· 
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Figure D.I - R-134a and POE vapor pressure as a function of temperature 
and refrigerant mass fraction. 
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Figure D.2 - R-134a and POE liquid density as a function of temperature 
and refrigerant mass fraction. 
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Figure D.3 - R-134a and PAG vapor pressure as a function of temperature 
and refrigerant mass fraction. 
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Figure D.4 - R-134a and PAG liquid density as a function of temperature 
and refrigerant mass fraction. 
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Figure D.5 - R-12 and paraffinic oil vapor pressure as a function of temperature 
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Figure D.6 - R-12 and paraffmic oil liquid density as a function of temperature 
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Figure D.7 - R -12 and naphthenic oil vapor pressure as a function of temperature 
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Figure D.8 - R-12 and naphthenic oil liquid density as a function of temperature 
and refrigerant mass fraction. 
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Appendjx E· - ProKram LjstjnKs 
E.1 - Actjyity COefficjent ProKram 
Program actcoef reads the mixture data, refrigerant constants, ASHRAE table data, 
and outputs activity coefficient data. 
******************************************* 
program actcoef 




* Tc = critical temperature 
* Pc = critical pressure 
* nnw = refrigerant molar weight 
* rk = Peng-Robinson EOS parameter 
* xl, xi(i) = refrigerant mole fraction 
* T, Ti(i) = mixture temperature 
* Pres, Pi(i) = mixture pressure 
* Psat = saturation pressure at T 
* a, aref = activity, activity coefficient 
* pd, pld(i) = pure refrigerant liquid density at T 
* props(iJ) = pure refP.gerant properties from ASHRAE 
* fer, fcm = fugacities of pure refrigerant, mixture 
* Peng-Robinson EOS variables as defined in chapter 5 
************************************************** 
* INPUT/OUTPUT FILES 
************************************************** 
open (3, file='r22RL68h', status = 'old') 
open (4, file='r22crit', status='old') 
open (1, file='r22RL68h.out') 
open (66,file='r22data', status = 'old') 
************************************************** 
* Read refrigerant Information 
************************************************** 
read(4,*) Tc, Pc, rmw, rk 
close(4) 
Tc = Tc + 273.15 
************************************************** 
* Read mixture data 
************************************************** 
do 2 i = 1, 100 
read(3, * ,end=2) Ti(i), Pi(i), xi(i) 
Ti(i) = Ti(i) + 273.15 








do 10 j=l, 1000 
read(66,*,end=10) (props(j,i),i=1,4) 




C linearly interpolate to fmd ref.liq.dens. at measured temperature 
do 11 ii = 1, ndp 
val = Ti(ii) 
deol = 3 
do 100 i=l, np 








250 dval = ter*(props(i,deol)-props(i-l,deol»+props(i-l,deol) 
pld(ii) = dval 
11 continue 
************************************************** 
* INITIALIZE VARIABLES 
************************************************** 
R = 8.31441/rMW 
icp =0 
ibp=O 
Psat = 1 
psat=1 
************************************************** 
Do 69 j = l,ndp 














C Call Subroutines & get results 
************************************************** 
Call Psatc(T, Psat) 
if (pm.ge. psat) then 
psat=pm 





Call Fuga(T, Psat, Fcr) 
can fuga(T, Pm, Fcm) 
7 Pe = exp«(lIpd)*(Pm-psat)/(R*n) 
a = (fcm*Pm)/(fcr*Psat*Pe) 




print *, xref, a, 'aref = " aref 
9 format (lx, n.s, lX,n.S, lx, f6.2, lx, n.2, lx, fS.2, 
& lx, n.s, 2x, n.s, 2x, n.s, 2x, n.S) 
write(l,9) xref, aref, T, Pm, psat, a, fer,fcm, Pe 
69 continue 
c write (1,*) 'data points = " ndp 
c write (1,*) 'T > 0.95 Tc for' , icp, 'points' 
END 
************************************************** 
* Subroutine to calculate fugacity 
********************************************************** 
Subroutine fuga(T, Pm, FC) 




alpha =(1 +rk*(l-Trr**0.S»**2 
A = 0.4S724*alpha*Prr/(Trr*Trr) 
B = 0.07780*Prrffrr 
a1 = -1 *(l-B) 
a2 = A-3*B*B-2*B 
a3 = -1 *(A*B-B*B-B*B*B) 
QQ = (al *al-3*a2)/9 
RR =(2*a1 *a1 *al-9*a1 *a2+27*a3)/S4 
if «RR*RR).gt.(QQ*QQ*QQ» then 
if(Rr.gt.O) sign = 1.0 
if(RR.lt.O) sign = -1.0 
AA= -1 *sign*(abs(rR)+(RR*RR-QQ*QQ*QQ)**(1/3» 
BB=QQ/AA 
if(aa.eq.O) bb = 0 
Zv = (AA+BB) - a1/3 
goto6 
endif 
phi = acos(RRI«QQ*QQ*QQ)** .5» 
xl = -2*(QQ**O.S)*COS(phi/3) - al/3 
x2 = -2*(QQ**0.5)*COS«phi+2*3.141S926)/3) - al/3 
x3 = -2*(QQ**0.S)*COS«phi-2*3.l41S926)/3) - a1/3 
Zv = max(xl,x2,x3) 
ppp =Zv-b 
Zl = min(xl,x2,x3) 
6 rlnfv=Zv -1.0 -log(ppp) 
rlnfv=rlnfv-(A/(2. *(2. **O.5)*B »*log( (Zv+ 2.414*B)/(Zv-0.414*B» 





* Suboutine to calculate saturation Pressure 
******************************************* 
Subroutine Psatc(T, Psat) 
IMPLICIT double precision (a-h, j-z) 
include 'vary. com' 






do 200 item=l, itemmax 
C Determine constants of the PR EOS 
alpha =(1 +rk*(l-Tr**0.5»**2 
Prr=P/Pc 
A = 0.45724*alpha*Prr/(Tr*Tr) 
B = 0.07780*Prrrrr 
al = -1*(l-B) 
a2 = A-3*B*B-2*B 
a3 = -l*(A*B-B*B-B*B*B) 
C Determine the roots of the PR EOS 
Q = (al *al-3*a2)/9 
RR =(2*al *al *al-9*al *a2+27*a3)/54 
If «RR*RR).gt.(Q*Q*Q» P = O.5*p 
phi = dacos(RR/«Q*Q*Q)** .5» 
xl = -2*(Q**0.5)*COS(phi!3) - al/3 
x2 = -2*(Q**0.5)*COS«phi+2*3.l415926)/3) - al/3 
x3 = -2*(Q**0.5)*COS«phi-2*3.l4l5926)/3) - al/3 
C Determine if vapor fugacity equals the liquid fugacity 
Zv = max(xl,x2,x3) 
Zl = min(xl,x2,x3) 
Infv =Zv -l-dlog(Zv-B) 
lnfv = Infv-(A/(2*(2**0.5)*B»*dlog«Zv+2.4l4*B)/(Zv-0.4l4*B» 
lnfl =Zl-l-dlog(ZI-B) 
Infl = lnfl-(A/(2*(2**0.5)*B»*dlog«ZI+2.4l4*B)/(Zl-0.4l4*B» 
diffold = diff 
diff = lnfv-lnfl 
C Determine the next Guess 
If «diffold*diff).lt.O) dp = 0.1 *dp 
if (diff.lt.O) P = P+dp 
if (diff.gt.O) P = P-dp 
C Check for Convergence 
92 
adiff = ABS(diff) 
if (adiff.llabs(O.OO()1 *lnfv» goto 28 
200 continue 




E.].! Sample Input FUes 
A. R22CRIT 
96.14 4990 86.48 0.702466 1.59 1.388 
(critical temp (OC), critical pressure (kPa), mole weight, Peng-Robinson pammeter, 
UNIQUAC r value, UNIQUAC q value) 
B. R22DATA 
-50 64.49 1435.5 
-48 71.4 1429.8 
-46 78.9 1424.1 
" " " 
75 3316.8 935.3 
80 3662.7 894.8 
(temp (OC), pressure (kPa), liquid density (kg/mI\3» 
c. R22RL68H 
30.64 1164.93 0.96992 
45.58 1674.81 0.96971 
60.37 2333.22 0.96944 
" " " 
66.36 849.87 0.64541 
81.29 1108.20 0.63900 
(mixture temp (OC), mixture pressure (kPa), refrigerant mole fraction) 
D. VARY.COM 
COMMON/fixed/ r, rk, te, pc, nnw 
COMMON/arrays/ Ti(I00), Pi(100), Xi(I00), pld(lOO) 
COMMON/arrays2/ props(lOO,lO) 
93 
E. J.2 - Sample Output File 
R22RL68H.OUT 
.96992 1.00110 303.79 1164.93 1209.64 .97099 .84044 .84627 .99869 
.96971 .99797318.73 1674.81 1754.16 .96774 .79956 .80853 .99766 
.92364 1.00663241.06 139.03 150.01 .92977 .96218 .96494 .99966 
" " " " " " " " " 
.65096 .57763326.28 627.70 2089.91 .37601 .77767 .93195 .95723 
.64541 .62365339.51 849.87 2790.65 .40251 .73764 .91829 .94190 
(refrigerant mole fraction, activity coefficient, temperature (K), pressure (kPa), 
saturation pressure (kPa), activity, fugacity coefficient of pure refrigerant, fugactiy 
coefficient of mixture, Poynting effect) 
E.2 - InteratjoQ Parameter Proa:ram 
The following listing is for the program used to calculate the interaction parameter 
values for the six different models along with the input fIles and sample output 
Table E.I - Coefficients for interaction parameter program 
Model rp q rNRTL alpha12 T&K W&C UNI 
Wilson 0 1 0 1 0 0 0 
Heil 1 1 0 1 0 0 0 
NRTL 1 0 1 0.5 0 0 0 
T&K 0 1 0 1 1 0 0 
W&C 0 . 1 0 1 0 1 0 




implicit double precision (a-h, o-z) 

























Tc = critical temperature 
Pc = critical pressure 
nnw = refrigerant molar weight 
nnwo = refrigerant molar weight 
rk = Peng-Robinson EOS parameter 
!al = interaction parameter 
la2 = interaction parameter 
xl, xref(i) = refrigerant mole fraction 
T, Tem(i) = mixture temperature 
Pres, Pr(i) = mixture pressure 
Psat, ps(i) = saturation pressure at T 
ar, art = activity coefficients: measured, calculated 
pI, pld(i) = pure refrigerant liquid density at T 
p2 = oil density at T 
oyi, oys = coefficients of oil density relation 
props(ij) = pure refrigerant properties from ASHRAE 
rl, r2, ql, q2 = UNIQUAC structure and size parameters 
std, stda = percent error for pressure, activity 
fer, fern = fugacities of pure refrigerant, mixture 
model variables as defmed in chapter 6 
Peng-Robinson EOS variables as defined in chapter 5 
******************************************* 
* define model constants 
rp =.0 
q = 1.0 
rNRTL=.O 







define initiallal values 
start = 10000 
stop = -10000 
delta = -10000 
initial step value 
delti = 100 
******************************************* 
* R221RL68H 1 
* R1251RL68H 2 
* Rl34a/PAG 3 
* R134a/Ester 4 
* R134a/RL68H 5 
* Rl2/nap 6 
* Rl2/par 7 
95 
* input mixture number 
read*, nnn 
****************************************** 
if (rmn.eq.l) then 
print*, 'r22r168h' 
open (22, flle='RL68h', status='old') 
open (44, file='r22RL68h.out', status = 'old') 
open (66, flle='r22data', status = 'old') 
open (88, file='r22crit', status='old') 
endif 
if (rmn.eq.2) then 
print*, 'r125rl68h' 
open (22, file='RL68h', status='old') 
open (44, file='r125RL68h.out', status = 'old') 
open (66, file='r125data', status = 'old') 
open (88, file='r125crit', status='old') 
endif 
if (rmn.eq.3) then 
print*, 'r134apag' 
open (22, file='PAG', status='old') 
open (44, file='r134aPAG.out', status = 'old') 
open (66, file='r134adata', status = 'old') 
open (88, file='r134acrit', status='old') 
endif 
if (rmn.eq.4) then 
print*, 'r 134aester' 
open (22, file='ester', status='old') 
open (44, file='r134aester.out', status = 'old') 
open (66, flle='r134adata', status = 'old') 
open (88, file='r134acrit', status='old') 
endif 
if (rmn.eq.5) then 
print*, 'r134aRL68h' 
open (22, file='RL68h', status='old') 
open (44, file='r134aRL68h.out', status = 'old') 
open (66, file='r134adata', status = 'old') 
open (88, file='r134acrit', status='old') 
endif 
if (nnn.eq.6) then 
print*, 'r12nap3' 
open (22, file='nap', status='old') 
open (44, flle='r12nap3.out', status = 'old') 
open (66, file='rl2data', status = 'old') 
open (88, flle='rl2crit', status='old') 
endif 
if (nnn.eq.7) then 
print*, 'r12par' 
open (22, file='par', status='old') 
open (44, file='r12par.out', status = 'old') 
open (66, file='r12data', status = 'old') 
open (88, file='r12crit', status='old') 
endif 
***************************************** 
* open mixture data file 
96 
ndp=O 
do-43 j=l, 1000 
read(44, * ,end=43) xrefG),arefG),TemG),PrG),PsG) 




* open ASHRAE data file 
np=O 
do 11 j=l, 1000 
read(66, * ,end=l1) (propsG,i),i=1,4) 





* open refrigerant data file 
read(88,*) Tc, Pc, nnw, rk, r1, q1 
close(88) 
Tc = Tc + 273.15 
****************************************** 
* open oil data fIle 
read(22, *) nnwo, oyi, oys, r2, q2 
close (22) 
***************************************** 
* linearly interpolate to find ref.liq.dens. 
* at measured temperature 
do 28 ii = 1, ndp 
kval = Tem(ii) 
deol = 3 
do 716 i=l, np 








70 dval = ter*(props(i,dcol)-props(i-1,deol»+props(i-1,deol) 
pld(ii) = dval 
28 continue 
********************************************** 
* defme other constants 
il=O 
stdmin = 99999 
R=8.31441 
do 57 rlalinit = start, stop, delta 
rIal = rIalinit 
rIa2 =0 
if (il.eq.1) then 
rIal = rIalf 
r1a2 = rIa2f 
97 
endif 
r1a2min = rla2 
rlalmin = rlal 
rlamax = 2()()()() 
errortmin = 999999999 
iter = 100 
delt = delti 
change = 20*delt 
***************************************** 
* Determine rla2 
***************************************** 
33 do 9 ipp=l,iter,l 
trial = (rla2min) - change 
htrial = (r1a2min) + change 
do 14 rkk: = trial, htrial, delt 
errort =0.0 
errora = 0.0 
do 92 ib = 1, ndp 
ar = aref(ib) 
xl = xref(ib) 
Pres = pr(ib) 
psat = ps(ib) 
T=Tem(ib) 
rla2 = rkk: 
pI =pld(ib) 
Call Model(pres,pl,p2,rlal, rla2,T, 
& xl, ar, zero,zeroa,psat,delt,pcalc,art) 
errort = errort+ zero*zero/(pres*pres) 
errora = errora+ (zeroa)*(zeroa)/(ar*ar) 
92 continue 
if«errort).lt.(errortmin» then 
rla2min = rla2 
errortmin = errort 
endif 
14 continue 
rla2 = rla2min 
if (rlalmin.ge.rlamax) then 
rlalmin = rlamax 
rlalmin = rlamax 
goto 88 
endif 
if (rla 1 min.le. ( -1 *rlamax» then 
rlalmin = -1 *rlamax 




* Detennine lal 
***************************************** 
trial = (rlalmin)-change 
htrial = (rlalmin)+change 
do 930 rkk: = trial, htrial, delt 
errort = 0.0 
98 
errora =0.0 
do 94 ib = I, ndp 
ar = aref(ib) 
x I = xref(ib) 
T=Tem(ib) 
pres = pr(ib) 
psat = ps(ib) 
pI =pld(ib) 
rIal = rkk 
Call Model(pres,pl,p2, rIal,rla2,T, 
& xl, ar, zero,zeroa,psat,delt,pcalc,art) 
errort = erron+ zero*zero/(pres*pres) 
errora = errora+ zeroa*zeroa/(ar*ar) 
94 continue 
if(abs(errort).ltabs(erronmin» then 
rIa I min = rIal 
endif 
930 continue 
rIal = rIalmin 
************************************************** 
* check for convergence 
if(rIalmino.eq.rIalmin.and.ipp.gt.2) goto 88 
rIalmino = rIalmin 
9 continue 
************************************************** 
* change delt for convergence 88 if (delt.1t.(I» goto lIS 
delt = delt/IO 
change = 20*delt 
goto 33 
************************************************** 
lIS rIal = rIa I min 
rIa2 = rla2min 
************************************************** 
* 
std = 2*( errort/float(ndp-I »**0.5 
stda = 2*(errora/float(ndp-I»**0.5 
print statistics 
print*, 'Ialinit =', rIalinit 
print*, 'Ial =', rIal, '1a2 =', rIa2 
print*, 'error P = " std, 'error A =', stda 
if (std.lt.stdmin) then 
stdmin = std 
stdamin = stda 
rla2initf = rIa2init 
rIalf=rIaI 






do 41 ib=l,ndp 
ar = aref(ib) 
x I = xref(ib) 
99 
T=Tem(ib) 
pres = pr(ib) 
psat = ps(ib) 
pI = pld(ib) 
Call Model(pres,p 1 ,p2,rlal ,rIa2,T, 
& xl, ar, zero,zeroa,psat,delt,pcalc,art) 
513 fonnat(lx,f6.2,3x,ti .2,3x,ti .2,3x,ti .5,3x, ti .5) 
write(*,5l3) t,pcalc, pres, art, ar 
41 continue 
print*, 'lalinit =', rlalinitf 
print*, 'lal =', rIal, '1a2 =', rIa2 
. *' P' tdm·, A' tdam· pnnt , error =, s In, error =, s In 
7 fonnat(1x, 7(f5.2, 3x» 
write(*,7) rp, q, rNRTI...,alpha12, TaK, WaC, UN! 
print*, 'number of data points = " ndp , 'mixture # =',rmn 
end . 
*********************************************************** 
* Subroutine to calculate activity coefficients 
Subroutine Model(pres,pl,p2,rlal,rla2,T, 
& xl, ar, zero,zeroa,psat,delt,pcalc,art) 
implicit double precision (a-h, o-z) 
include 'variable. com' 
************************************************** 
* calculate variables 
x2 = 1.0 -xl 
p2 = oyi+oys*(T-273.l5) 
vI = (l/pl)*(rmw) 
v2 = (1/p2)*(rmwo) 
if (rNRTI....eq.l) then 
rho12 = 1.0 
rho2l = 1.0 
else 
rho12 = vl/v2 
rho2l = v2/vl 
endif 
Tao12 = rIal/(R*T) 
Tao2l = rIa2I(R*T) 
G12 = (rho12)*exp(-alpha12*Tao12) 
G2l = (rho21)*exp(-alphaI2*Tao21) 
************************************************** 
* Calculate Wang and Chao coefficients 
if (WaC.eq.l) then 
xll = xl/(xl+x2*exp(-Tao21» 
x22 = x2/(x2+xl*exp(-TaoI2» 
x12 = x22*(xl/x2)*exp( -Tao12) 




* calculate Wilson, Heil, NRlL, T&K, and WaC log(act coet) 
if«xl +x2*g 12).gt.0.0 1.or.q.eq.O) then 
100 
rlogar=q*(x2*G21/(xl +x2*G21) - x2*G 12/(x2+x1 *G 12) 
& - log(x1 +x2*G21» 
& + rp*x2*x2*(Tao12*G12/«x2+x1 *G12)**2.0) 
& + Tao21 *G21 *G21/«x1 +x2*G21)**2.0» 
& + Tak*( -x2*rho21/(x1 +x2*rho21) + x2*rho12/(x2+x1 *rho12) 
& + log(x1+x2*rho21» 
& + WaC*(zI(R*T*2.0»*(x21 *x21 *rla2+x2*x22*x12*rla1/x1) 
************************************************** 
* calculate UNIQUAC log(act coeO 
if (UNI.eq.1) then 
thetl =q1*x1/(q1*x1+q2*x2) 
thet2 = q2*x2/(q2*x2+q1 *x1) 
phi = r1 *x1/(r1 *x1 +r2*x2) 
ph2 =r2*x2/(rl*x1+r2*x2) 
rLl = (10./2.)*(r1-q1)-(rl-1.) 
rL2 = (l0./2.)*(r2-q2)-(r2-1.) 
tao12 = exp(-l *tao12) 
tao21 =exp(-1*tao21) 
test = thetl +thet2*tao21 
if(test.le.O) then 




rlogar=log(ph 1/x 1 )+( 1O./2.)*q 1 *log( thetl/ph1) 
& +ph2*(rL1-(r1/r2)*rL2) -q 1 *log(thetl +thet2*tao21) 
& +thet2*q 1 *«Tao21/(thetl +thet2*Tao21» 
& -(Tao 12/(thet2+thetl *tao12») 
endif 
************************************************** 
* calculate activity coefficient 
art = exp(rlogar) 
************************************************** 
* iterate to calculate pressure 
call Fuga(T, psat, Fer) 
do 115 ihh=l,3 
call fuga(T, Pres, Fcm) 
Pe = exp«1/pl)*(Pm-psat)/(R*T» 




* calculate deviations 
zeroa = art - ar 




* Routine to calculate fugacity 
********************************************************** 
Subroutine fuga(T, Pm, FC) 
implicit double precision (a-h, o-z) 
101 
include 'variable. com' 
Prr=Pm/Pc 
Trr=Tffc 
alpha =(1 +rk*(1-Trr**0.5) )**2 
A = 0.45724*alpha*Prr/(Trr*Trr) 
B = 0.07780*Prrffrr 
al = -1*(I-B) 
a2 = A-3*B*B-2*B 
a3 = -1*(A*B-B*B-B*B*B) 
QQ = (al*al-3*a2)19 
RR =(2*al *al *al-9*al *a2+27*a3)/54 
if «RR*RR).gt(QQ*QQ*QQ» then 
if(Rr.gt.O) sign = 1.0 
if(RR.lt.O) sign = -1.0 
AA= -1 *sign*(abs(rR)+(RR*RR-QQ*QQ*QQ)**(I/3» 
BB=QQ/AA 
if(aa.eq.O) bb = 0 
Zv = (AA+BB) - al/3 
goto3 
endif 
phi = acos(RRI«QQ*QQ*QQ)**.5» 
xl = -2*(QQ**O.5)*COS(phi/3) - al/3 
x2 = -2*(QQ**0.5)*COS«phi+2*3.1415926)/3) - al/3 
x3 = -2*(QQ**0.5)*COS«phi-2*3.1415926)/3) - al/3 
Zv = max(xl,x2,x3) . 
ppp =Zv-b 
Zl = min(xl,x2,x3) 
3 rlnfv=Zv -1.0 -log(ppp) 
rlnfv=rlnfv-(A/(2. *(2. **0.5)*B»*log«Zv+2.414*B)/(Zv-0.414*B» 




E.2.1 • Sample Input FUes 
A. R22CRIT • see E.2.A 
B. R22DAT A • see E.2.B 
C. R22RL68H.OUT • see E.3 
D. RL68H 
700 993.89 -0.7566 29.404 24.363 
(oil mole weight, oil density (kglm3) at WC, change in oil density [kgl(m3oC)], 
UNIQUAC r value, UNIQUAC q value) 
E. V ARIABLE.COM 
COMMON/fixed! r, rk, rNRTL, rmw, rmwo 
COMMONfflXl q, Tak, Wac. oyi. oys, te, pc 
102 
COMMON/huh/ rp, alpha12 
COMMON/arrays/ xref( 1 (0), aref(1 (0), Tem(1 (0), props (1 00,10) 
.. COMMON/arrays2/ Pr(I00), ps(100), pld(I00) 
EeZeZ - Sample Output 
r22rl68h 
lalinit = l0000.()()()()()()()( 
lal = 20000.()(){)()()()()( 1a2 = -402.699999999999477 
error P = 0.110794834431083483 error A = 0.122682111302212696 
lalinit = O.OOOOOOOOOOOOOOOE+OO 
lal = 20000.()(){)()()()()( 1a2 = -402.699999999999477 
error P = 0.110794834431083483 error A = 0.122682111302212696 
lalinit = -10000.()()()()()()()( 
lal = -5809.39999999980864 1a2 = 706.2()()()()()()()(10505 
error P = 0.113523836773957790 error A = 0.131924834531470525 
303.79 1151.54 1164.93 .98871 1.00110 
318.73 1667.53 1674.81 .99190 .99797 
255.74 216.46 236.00 .87503 .95490 
" " " " " 
326.28 613.84 627.70 .54111 .57763 
339.51 811.80 849.87 .56166 .62365 
(Temperature (K), calculated pressure, measured pressure, calculated activity 
coefficient, measured activity coefficient) 
lalinit = O.OOOOOOOOOOOOOOOE+OO 
lal = 20000.()(){)()()()()( 1a2 = -402.699999999999477 
(optimum values) 
error P = 0.110794834431083483 error A = 0.122682111302212696 
(error P: pressure % error, error A: activity coefficient % error) 
.00 1.00 .00 1.00 .00 .00 .00 
(Model parameters) 
number of data points = 35 mixture # = 1.()()()()()()()( 
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